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Abstract 

In this work a production facility of ammonia has been evaluated using air and water as raw materials. Nitrogen 

is obtained from air separation using a Linde’s double column. Hydrogen is produced from water splitting. Next, 

hydrogen and oxygen are purified to remove water and traces of chemicals. Finally, ammonia is synthesized in 

a three bed packed reactor. Two cooling designs were considered, indirect and direct cooling. The ammonia is 

recovered by condensation using the cold air. Power for compression and electrolysis is obtained from 

renewable sources either solar, photovoltaic, or wind energy. The process is simulated developing surrogate 

models for each of the units involved with special attention to the electrolyzer, Linde’s column, synthesis reactor 

and ammonia recovery. In particular, the multibed reactor is modeled rigorously off line to validate the 

conversions and its operation. The full process is formulated as an MINLP problem. Solar energy and indirect 

cooling are selected for the production of ammonia. However, the high cost of panels results in high investment 

capital, over 1500M€, but promising production cost of ammonia, 1.35€/kg. 
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1. Introduction 

 The increasing demand of energy and current concerns on sustainability are supporting the 

development of technologies which use solar radiance, wind and biomass. While biomass is a carbon source 

and thus, it can be considered as a source of chemicals, the use of wind and solar energy is typically devoted 

to the production of electricity. One of the main features of renewable sources of energy is their variability across 

regions and over time. In particular, renewable sources such as solar and wind constitute a major challenge due 

to their availability during the day and during the year. In order for the facilities based on these resources to 

operate under steady state, storage systems, supplementary sources of energy or a combination of some of 

them are needed. Weekman (2010) and Yaun and Chen (2012) presented overviews regarding the integration 

possibilities as a perspective for the future combination of different sources of energy. There have been several 

attempts to design processes that mitigate the effect of that variability. For instance, the use of molten salts to 

store solar energy for several hours so that concentrated solar plants can operate continuously during a day 

(Martín and Martin, 2013). Alternatively, it is possible to store solar and wind energy in the form of chemicals, i.e 

methane, for its further use when needed. Davis and Martín (2014a) evaluated the production of methane from 

CO2 using wind energy over a year. Solar or wind based facilities on their own cannot maintain the production 

level without combining different energy sources, but the high cost of the power island of the facilities mitigates 

the investment in idle units over time (Davis and Martín, 2014b). The advantage of producing chemicals directly 

out of the renewable energy is that they can be stored and used downstream in a continuous basis.  

 Ammonia is another interesting product not only because it can be used to store solar energy by also 

as hydrogen carrier for the so-call hydrogen economy (Agrawal et al., 2005). The production of ammonia is an 

example of the fact that the chemical industry is unique in its possibilities to develop alternative routes to the 

same final product, even using different raw materials. Ammonia was first recovered from the coal gas industry. 

The increase in the demand for ammonia as a result of its use to produce nitric acid presented a new paradigm. 

In order not to use Chile saltpeter, saving it for the fertilizers industry, Frederic Kulmann evaluated the oxidation 

of ammonia over platinum. Years later, Haber and Bosch designed the process to produce ammonia from 
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hydrogen and nitrogen. However, ammonia can be also produced from nitrogen and hydrogen directly (Ernest, 

1925). 

 The source of hydrogen is natural gas in 60% to 70% of the facilities (Appl, 2011). Hydrogen has been 

produced using renewable energy since 1923 (Haldane, 1923). However, the development was not pursued any 

further again until the 70’s, when photovoltaic systems attracted the attention (Bockris, 1975).  Thirty years later, 

the use of solar and wind energy received attention again within the research community and several studies 

were presented that evaluated the production of hydrogen from solar (Levene et al., 2005) and wind energy 

(Levene et al., 2006). The results showed that for hydrogen to be competitive, cheaper power was needed. 

Recently, life cycle assessment studies have also been developed to compare renewable technologies for the 

production of hydrogen. The use of biomethane reforming was the one presenting the lowest impact (Hajjaji et 

al., 2013), but water electrolysis was not included in the study. Finally, Ozbilen et al. (2012) evaluated water 

splitting using thermochemical cycles to decide on the steps. Bhandari et al. (2013) concluded that water 

electrolysis is one of the most promising alternatives from the environmental point of view, as long as power is 

renewable. The comparison between the use of solar or wind to produce power has also been presented from 

several points of view. Xydis (2013) used an exergy analysis, while Davis and Martín (2014b) only focused on 

the economics of the system that produced hydrogen to be used to capture CO2 by producing methane. 

 The other major raw material is nitrogen. Traditional processes use air directly, since the hydrogen 

source is a hydrocarbon. Alternatively, it that can be obtained from air separation. Air separation is a mature 

technology that has received renewed attention lately due to its large power consumption and the possibility of 

operating them during off-peak hours. Recent papers evaluate the operation of such plants considering the 

variability in the electricity prices (Mitra et al., 2012) and even considering cryostorage of energy (Zhang et al., 

2015).  

 The use of electrolytic hydrogen together with nitrogen for the production of ammonia is not entirely 

new. Fauser process (Ernest, 1925) already worked under these principia for the production of ammonia from 

air and water. The difference today is the use of renewable resources to provide for the energy required to obtain 
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hydrogen and nitrogen and the possibility of storage them for regulating the production capacity in absence of 

energy and/or high electricity prices. Recently, some modelling effort has been reported in the production of 

ammonia.  A simulated based optimization approach has been used to analyze the production of ammonia 

(Flórez-Orrego and Oliveira, 2017). Tock et al. (2015) produced an analysis where biomass was used together 

with natural gas to improve the sustainability of current ammonia processes. Furthermore, distributed production 

of ammonia has also been evaluated using solar energy for agricultural purposes (Du et al., 2015). Other studies 

just focus on the synthesis loop (Penkhun and Tsatsaronis, 2017). Finally, air and water electrolysis using wind 

energy were considered under a simulation based approach but with no analysis of the energy source (Matzen, 

2015), or just providing a description of the process using wind energy in the context of targeting a more 

sustainable agricultural system (Pfromm, 2017).  

 In this work, the monthly operation of an integrated facility for the production of ammonia from water 

and air is optimized using renewable sources of energy providing a technoeconomic analysis of the process that 

includes the energy consumption of compressors and electrolyzer and the cost of the units involved. The facility 

consists of four stages: power collection, air separation, water electrolysis and ammonia synthesis. The energy 

required for the system is provided either using solar or wind energy. Detail turbines power curves and panel 

performance as well as a three bed ammonia synthesis reactor with indirect or direct cooling are considered to 

evaluate the optimal feed to each reactor bed improving heat integration within the reactor. The work is organized 

as follows. Section 2 describes the process diagram. Section 3 presents the modelling effort. Section 4 shows 

the optimization procedure to determine the energy required and the operating conditions of the units, including 

the air separation column, the compressors, the ammonia synthesis reactor with its flows, temperature and 

pressure and the ammonia recovery stage. Section 5 presents the raw material and energy requirements, the 

selection of energy source and reactor design and the monthly production capacity. Finally, in section 6 some 

conclusions are discussed.  

2.- Ammonia production 
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 The process starts with the technologies that transform solar and wind energy into power. The use of 

onshore wind turbines or photovoltaic (PV) panels is considered in this work. 

 2.1.-Production of hydrogen 

An electrolyzer system is used to split water into hydrogen and oxygen. Two gas streams are produced 

containing mainly hydrogen and oxygen respectively. Both exit the electrolyzer saturated with water and with 

traces of the other species. Most of the water can be removed by condensation. In case of the oxygen stream, 

after condensation, final dehydration is carried out using an adsorbent bed. Finally, it is compressed for storage. 

The hydrogen stream is to be further processed to remove the oxygen traces, using a deoxygenation reactor, 

and final dehydration using zeolites. Finally, it can be compressed or mixed with the other reactant (Davis and 

Martin, 2014a). 

 2.2.-Production of nitrogen 

 The production of nitrogen is part of the air separation business. It is a well established technology by 

using the Linde’s double column, suitable for large capacities. This process is highly energy intense (Mitra and 

Grossmann, 2012). Argon is assumed that is not separated. 

 2.3.-Ammonia synthesis 

 The ammonia synthesis stage consists of the so-called synthesis loop. The gases are compressed and 

heated to the optimal conditions before entering the reactor. Two designs are tested. The first one is a direct 

cooling three bed reactor. In this case, fresh syngas is used to cool down the gas stream that exits each of the 

catalytic beds. The ratio of syngas to be fed after each bed is computed as part of the solution. The second 

reactor is simpler. It generates steam to cool down the product gas from each of the beads before being fed to 

the next one. In both cases, the stream leaving the reactor is cooled down to condense the ammonia. The 

unreacted gases are recycled. Figure 1 shows a scheme of the process.  
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Figure 1.- Process flowsheet 

3.- Modelling 

 Process optimization requires realistic thermodynamics for the results to be useful. The process is 

modelled using an equation based approach including mass and energy balances applied to all the species 

involved (N2, O2, H2O, H2, NH3, Ar), thermodynamic and chemical equilibria, chemical kinetics, rules of thumb 

and experimental data (Martín, 2016). While process simulators include the proper thermodynamics, equation 

based optimization needs to include those features. Surrogate models are developed from rigorous simulations 

in CHEMCAD to evaluate the performance of units such as two-phase valves in the distillation of air as well as 

to compute the k coefficients used to model compressors. The complex kinetics and structure of the ammonia 

converter is not available in commercial software. The model for the reactor involves chemical equilibria, heat 

transfer and pressure drop. Although including all of them in the optimization model through a rigorous kinetic 

model could be an option, it is more efficient for optimization purposes to develop a detailed model in MATLAB 

and use the results as bounds to the temperature and yields within the equation based process design in GAMS 

that includes mass and energy balances and chemical equilibrium. For simplicity, the entire flowsheet is divided 

into three pieces that will be presented before the modelling assumptions are described. 
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3.1. Energy sources 

In this section, the assumptions and models for the units that collect the energy, solar or wind, and 

transform it into power are described. 

3.1.1. Wind Turbine power 

 De la Cruz and Martín (2014) characterized a number of wind turbines from the SAM software package 

(NREL, 2013a). Based on that study, eq. (1) is used to model the power curve of the turbine Nordex N100-2500. 

It has a Pnom equal to 2,500 kW. The characteristic parameters a and m are 8.226 m/s and 0.806 s/m respectively.  

 ( )
1

nom

turbine v a m

P
P

e
 




         (1) 

 The power provided by the wind farm is that given by the number of units installed and the wind velocity 

(v) at each time period. 

  3.2.2. Solar panel installation 

 Each PV panel typically provides 1 kWp per 8 m2 (Maase et al., 2011) with installation costs ranging 

from 1,700 to 4,000 $/kWp (Goodrich et al., 2012). The efficiency of the panels, , is assumed to be 25%. The 

power produced from the solar field is computed using the solar incidence, I, as per eq. (2).  

2

0.75

24
panel panel

kWh
P A I

m d


 
  

 
        (2) 

  3.2. Hydrogen production and purification 

 Figure 2 shows the water splitting section of the facility. 
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Figure 2.- Water splitting section of the ammonia production facility 

 
 Electrolyzer. The reaction taking place in the electrolyzer is given by equation (3), where water is split 

into oxygen and hydrogen, using a solution of 25% of KOH as the electrolyte. The reaction takes place at 80 ºC 

and 5 bar, generating 0.0124 kg H2/s (NEL Hydrogen, 2012) per electrolyzer.  

2 2 22 H O  2 H  O                (3) 

 The power required is 53.15 kWh/kg H2 (Ivy, 2004). The composition of the hydrogen stream is 

assumed to be 99.9% H2 and the rest oxygen on a dry basis. The oxygen rich stream contains 99.5% O2 and 

the rest hydrogen on a dry basis. Apart from electricity, the other raw material is water, which is consumed not 

only by the reaction, but also accompanying the gas phases saturating them. The mass balances to the 

electrolyzer are performed based on the stoichiometry of reaction (3), its conversion, assumed to be 90%, and 

the purity of the streams as discussed above. 

 Water condensation.  This stage is modeled assuming that the gas is cooled to 25ºC and remains 

saturated at that temperature. Thus, the water that exceeds that saturation condenses. Antoine correlation is 

used to compute the water within the gas phase (Sinnot, 1999). The energy involved is computed by an energy 

balance to the heat exchanger accounting for the amount of water condensed. A flash is located after the cooling 

to separate the liquid water and the saturated gas phase. The amount of water that the gas phase can drag is 

computed using eqs. (4)-(7), where Mw,i represent the molar mass of species i.   



9 
 

 T

sat _ atmp  e ;

B
A

C

 
  
            (4) 

v _ atm sat _ atmp  ·p ;          (5)

 
v _ atm,

, air v _ atm

p
· ;

p p

w water

w drygas

M
y

M



        (6) 

   fc Wa  fc( ) ·drygas y          (7)  

 Compressor Design. All the compressors in the flowsheet are considered to behave as polytrophic. 

Equations (8) and (9) are used to compute the final temperature (Tout) and work (W) involved at each 

compression state. Based on rules of thumb, the efficiency, , is 0.85 and k is obtained using an off-line 

simulation of the compressor in CHEMCAD resulting in 1.4 (Wallas, 1990), with T in ºC and P in bar. 
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 
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 On the one hand, the stream consisting mainly of oxygen is compressed in a three stage compression 

system with a compression ratio of 5. This compression system includes intercooling and a dehydration stage 

using zeolites after the first compression, to store and sell the produced oxygen. On the other hand, the hydrogen 

stream is compressed to 5 bar so as to adjust the pressure to the requirements of the deoxo reactor. After the 

deoxygenation, the stream is dehydrated. 

 Zeolite dehydration. Molecular sieves of zeolites are used to dehydrate the gas phases. The removal 

efficiency of water is assumed to be 99.97%. While the dehydration of oxygen takes place after the first 

compression stage at a moderate temperature, the dehydration of the hydrogen stream is postponed until after 

the deoxo reactor, due to the production of a small amount of water when the traces of oxygen are removed. 

This process operates at 90ºC and 5 bar. 
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 Deoxo reaction. This reaction is used to eliminate the traces of oxygen in the stream of hydrogen by 

generating water by consuming a small fraction of hydrogen. A conversion equal to 99.7% is assumed and it is 

recommended to operate at 90ºC (Davis and Martín, 2014a). The reaction is given by eq. (10). The mass balance 

to the reactor is performed based on the stoichiometry of the reaction and using the conversion. Due to the small 

amount of hydrogen in the stream, the energy balance is neglected. 

2 2 22 H  O   2 H O           (10) 

 3.3.- Air separation 

 Figure 3 shows the section of the facility corresponding with the separation of air. Air is separated into 

nitrogen and oxygen using a double Linde’s column. For it to operate, the air is cooled down to 80-100 K. Apart 

from the use of the cold streams from the distillation column, part of the cooling is due to the expansion of the 

gas in a valve. Therefore, the gas is compressed up to around 210 bar. The compression process is similar to 

the one presented above in the production of hydrogen and oxygen. In a first stage the air is compressed in a 

two stage compression system with inter cooling avoiding condensation so that the pressure reaches 6 bar, the 

operating pressure of the zeolite that is used to dehydrate atmospheric air. Each compression is modeled using 

eqs. (8)-(9) as before. The zeolite is assumed to remove the air humidity completely. It operates at 305 K and 6 

bar, thus after compression the air is cooled down to this temperature. After the zeolite, the air is further 

compressed to a pressure between 190 bar and 210 bar. Each compression stage cannot surpass a pressure 

ratio of 5. The final pressure is left as variable. 
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Figure 3.- Air separation section 

 
 Once compressed, the air is cooled down first to 305 K in HX7. Next, before feeding the air to the 

columns two stages are carried out. First, heat exchanger 8 uses cold nitrogen and oxygen to cooldown the 

compressed air. Nitrogen will be around 77 K and the oxygen stream around 90 K. To make sure that there is 

no temperature cross, Tmin of 3 K is established in this heat exchanger. Furthermore, it is assumed that the 

final temperatures for nitrogen and oxygen are the same. In a second step air is used as heating utility for the 

reboiler of the high pressure section of the column. Finally, a valve is responsible for the final cooling in the 

expansion and allows partial liquefaction of the stream. The final pressure is the operating one at the high 

pressure section of Linde’s double column. The liquid fraction, j, is computed by developing a surrogate model 

using CHEMCAD using SRK thermodynamic model. The expansion is simulated for a number of initial 

temperatures, Tin, from 90 to 120 K, initial pressures, Pin, from 190 to 210 bar, and final pressures, Pout, from 5 

to 6 bar, since it is the typical operating pressure of the high pressure section of Linde’s double column, eq. (11) 

shows the correlation for j: 

( ) ( )
1.825723 0.009841 ( ) 0.023034 0.000267  

760 760

out in
in

P mmHg P mmHg
j T K     (11) 

 For all surrogate models, a comparison between the experimental data and the simulated ones were 

compared to validate them before use. For the sake of the length of the work, those figures are not shown but 
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fittings with R’s above 0.99 are found. Similarly another correlation, eq. (12), is developed to estimate the outlet 

temperature (Tout):  

 
( )

83.876892 2.477150  
760

ou
o t

t
u

P mmHg
T K        (12) 

 This partially liquid stream is fed to the column. The flows across the column are assumed to be 

constant.  

 High pressure column. Figure 4 shows the scheme of the flows across the lower part of Linde’s 

column. A mass balance to the feed tray is as follows. 

 

2 2' ·L L j F           (13) 

2 2 ' (1 )V V j F                                                                                                                 (14) 

 

 
Figure 4.-Flows across the high pressure column 
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Where j is the liquefied fraction in the feed to the column computed using eq. (11). Now, a global mass 

balance and a balance to the components is performed. For the bottoms, the composition of the residue is fixed 

based on typical operation of these types of towers (Bhunya, 2014) to be 61.28% N2, 37.30% O2 and 1.42% Ar.  

2 2 2' 'V R L           (15) 

 For the distillate of the high pressure column, the mass balance is as follows: 

 

2 2 2V D L           (16) 

 

 The composition of the distillate is assumed to be 99% of nitrogen and 1% free between oxygen and 

argon. The energy balance to the reboiler is compute as eq. (17): 

'

2 2 Re

i

R i b

i

V y Q          (17) 

In this equation, i is the vaporization latent heat of species i. The molar fractions, yi, are determined 

as those in equilibrium with the liquid product. The operating range of pressures is from 5 to 6 bar. For simplicity 

an average pressure of 5.5 bar is assumed to compute the composition of the stream. Simulating this equilibrium 

with CHEMCAD using SKR as thermodynamic package yi becomes 82.5% of nitrogen, 16.7% of oxygen and 

0.8% of argon. The temperature of the stream leaving the columns (TBot,HP) is computed using a surrogate model 

as a function of the pressure, since Antoine correlations did not represent the phenomena at low temperatures. 

Thus:  

,

,

( )
( ) 2.4917· 85.4157

760

Bot HP

Bot HP

P mmHg
T K       (18) 

To ensure that no temperature cross occurs in this heat exchanger, a Tmin≥3 is defined at both ends 

of the reboiler. 

The condenser of the high pressure column provides the energy for the reboiler of the low pressure 

column.  

Low pressure column. Figure 5 shows the detail of the flows entering, exiting and across the upper 

part of Linde’s column.  
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Figure 5.- Flows across the low pressure column 

 

  

The temperature of the distillate of the high pressure column (TCond,HP) is given by the following 

correlation as a function of the pressure within the range of 5-6 bar.  A composition of 99% of nitrogen and 1% 

oxygen is assumed in this stream to develop the surrogate models. 

 
 ,

, 2.3580· 82.5169  
760

Cond HP

Cond HP

P mmHg
T K       (19) 

The energy balance to the condenser of the high pressure columns is given as in eq. (20).  

, 2 2

i

CD HP D i

i

Q V x           (20) 

The energy balances to the condenser-reboiler couple both columns and determine the flows. The only 

residue produced from Linde’s column comes actually out of the low pressure column. Therefore, the 

composition (
1

i

Rx ) is fixed to be 95% O2, 3% Ar and 2% N2. 

'

, , 1 1  i

CD HP CA LP R i

i

Q Q L x           (21) 
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 Similarly, a correlation is developed to compute the temperature of the bottoms of the column (TBot,LP) 

as a function of the operating pressure within the range of 1-2 bar as follows:  

 

 ,

, ( ) 7.0864· 83.0096  
760

Bot LP

Bot LP

P mmHg
T K        (22) 

 To ensure a sufficient temperature gradient, establish constraint (23) is added: 

, ,( ) 3 ( )Bot LP Cond HPT K T K          (23) 

 For the distillate of the low pressure column, the same procedure as before is used to develop a 

correlation between the temperature and the pressure. The composition is assumed to be basically nitrogen, 

99.6 % and the rest argon. 

 
,

,
( ) 6.3300· 71.5645 

760

Co

Con

LP

d P

n

L

dP mmHg
T K        (24) 

 This column is fed by the residue of the high pressure column as main feed and the distillate of the high 

pressure section as reflux. Both streams from the high pressure column are expanded resulting in the partial 

liquefaction of the streams. The fraction of the feed liquefied is defined as g, while the fraction of the reflux that 

liquefies is referred to as i. The flows across the column are assumed constant. Thus, the balances across the 

column are as follows: 

1 2·L i D                                                                                                                                                (25) 

1 2 2' · ·L i D g R                                                                                                                                   (26) 

1 2 1(1 )V i D D                                                                                                                                 (27) 

1 1 1' 'V L R                                                                                                                                           (28) 

1 1 1' (1 )·V V g R                                                                                                                               (29) 

 To predict i and g, the expansion valves are modeled by developing surrogate models as before. It 

turned out that good fitting was found between the liquefied fraction and the inlet and outlet pressures to the 

valves. The range is 5-6 bar as inlet pressure and 1-2 bar for the final pressure. Thus, for the main column feed, 
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the expansion is modeled to determine the liquefied fraction, g, and the temperature. Thus, g is computed by 

eq. (30):  

( ) ( )
0.901759 0.027181 0.059806

760 760

in outP mmHg P mmHg
g       (30) 

And the final temperature of the valve exit is computed using eq. (31): 

 
   

74.014389 0.066153 6.535790
760 760

in out

out

P mmHg P mmHg
T K      (31) 

 

 Similarly, for the valve that feeds the reflux to the top on the low pressure column, the liquefied fraction 

is computed as per eq. (32): 

( ) ( )
0.903162 0.028452 0.060316

760 760

in outP mmHg P mmHg
i       (32) 

 And the temperature is computed as per eq. (33): 

 

 
 

71.509474 6.330243
760

out

out

P mmHg
T K        (33)  

  

 3.4.-Ammonia synthesis 

The ammonia synthesis loop starts with mixing the unreacted gases with fresh hydrogen and nitrogen. 

A constraint is imposed so that the molar flow of hydrogen is larger or equal to that given by the stoichiometry 

of the reaction but lower than 3.2 times that of nitrogen.  

2 2 33 2N H NH          (34) 

The next step is the multistage compression system with intercooling. Typically the operating pressure 

at the reactor ranges from 100 to 1000 bar and 400-500ºC. Therefore, a three stage compression system is 

suggested. Two reactor cooling technologies are evaluated: 

 Direct cooling: The fresh syngas is divided into three so that a fraction of the total feed is fed to each 

of the catalytic beds. The gas fed to each of the beds must be at least at 400ºC. Preheating is considered  using 

the stream exiting the reactor. In this way the energy is integrated within the reactor system. Thus, the total flow 
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rate of product is split into three streams to preheat the feeds to each of the three beds. Next, the hot gas stream 

exiting the first bed is cooled down using fresh syngas and fed to the second bed. The final temperature of the 

gases exiting each of the beds is constraint to 460-500ºC, according to the detailed simulation in MATLAB, that 

is presented below. The fresh syngas can have been preheated or not. Similarly, for the third bed of the reactor, 

the feed has been cooled down to around 400ºC using fresh syngas, see Figure 6. Tmin of 3ºC has been 

imposed to avoid temperature cross. Stream mixing is modeled as adiabatic mixture of gases. 

 

Figure 6.-Reactor system with direct cooling 
 

Each bed is assumed to be an equilibrium reactor. However, literature shows that at the end of the bed 

the equilibrium conversion is not reached (Appl, 1999). Therefore, the final temperature is computed by an 

energy balance where the conversion has been computed by a rigorous model to a three bed reactor performed 

in MATLAB. Thus, the equilibrium is imposed as an upper bound for the concentration after each bed from eq. 

(35)-(37) (Hougen et al., 1954): 
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 Both reactors used the same catalyst, characterized by a particle size (dp) of 2.5 mm and a particle 

density of 2200 kg/m3 (Araujo and Skogestad, 2008). Ideal gases is assumed and the viscosity and thermal 

conductivity and heat capacity are computed as follows:  
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 Where M are the molecular weights, µ the species viscosity and Cp the heat capacity. The kinetics of 

the reaction is given by Dyson and Simon (1986).  
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3 3 6 2 6 2

2
0.93431737 0.3101804·10 0.295896·10 0.2707279  ·10 0.4775207·10N T P T P    

      (46)  

2 3 5 2 6 2

3
0.1438996 0.2028538·10 0.4487672·10 0.1142945 ·10 0.2761216·10  NH T P T P    

     (47) 
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 And the catalytic activity ( equal to 1 (Appl, 2011). Table 1 shows the coefficients for the 

effectiveness factor ( ) correlation as a function of the operating pressure. 

Table 1.- Coefficients for eq. (48) 
 

 For the heat transfer there are two contributions, the transfer in a pipe and when the gas is flowing 

through the catalyst bed (Leva et al., 1948). For the pipes use Dittus-Boelter equations are used as follows 

(Holman, 1999): 
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The reactor that is modelled to evaluate the performance and yield is represented by Figure 7. The 

feed goes along the reactor and is heated up using the hot product gas before being fed to the different beds. 

The beds operate adiabatically and the gas product is cooled down with fresh syngas.  



20 
 

 
Figure 7.- Scheme of the direct cooling three bed reactor 

 
 
 The mass balance to each of the beds is written as follows.  
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 The heat transfer is divided into four terms including heat transfer to the rising gas, from the bed, heat 

of reaction and flow energy (Gaines, 1977).  

Heat transfer to the rising gas: 
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Heat transfer from the bed: 
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Heat of reaction: 
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3
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Energy of flow:  

  gases pdQ mC dT                                                                                                                          (72) 

 
 The total heat balance is given as follows: 
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 Finally, the pressure drop across the bed can be computed using Ergun’s equation as follows:  

 
2 2

3 2 3

1 (1 )
150 1.75

gas gas

p p

v vdP

dz d d

  

 

 
                  (77) 

Where ε is the bed porosity. Pressure drop turns out to be at most 2 bar, therefore for the flowsheet 

optimization we neglect it (See Supplementary material). 

 Indirect Cooling. In this case the operation of the reactor is simpler since after heating up the feed 

using the hot product gases, the entire flow is fed one bed after the other. At each bed the conversion is validated 

using a detailed model in MATLAB off-line, since the equilibrium conversion cannot be reached (Appl, 1999). 

The stream product of each bed is cooled down producing steam. The feed temperature to each bed is variable 

but around 400ºC and the exit also variable from 460-500ºC. Figure 8 shows the scheme of indirect cooling 

section of the flowsheet.  
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 Figure 8.-Scheme of the reactor for process flowsheeting 

 
 

 The actual reactor modeled in MATLAB is presented in Figure 9. The model is similar to that of the 

previous reactor, eqs. (54)-(77). But in this case the energy balance has been modified since there is no central 

flow and no central transfer due to geometry of this reactor. Thus, eqs. (78)-(79) are used (Elnashaie et al., 

1988): 
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Figure 9.- Scheme of the reactor 

 
The stream exiting the reactor is cooled down to recover the ammonia by condensation. The 

condensation is performed following two steps of cooling. First, the heat has been used to preheat the feed to 

the beds. Next, cooling water is used. To determine the ammonia condensation in HX21 a surrogate model is 

developed as a function of the operating pressure for a final temperature of 25ºC. 

3

( )
0.025860989 0.001428067·       

760
NH

P mmHg
               (80) 

 Finally, to improve the recovery, the cold streams from the distillation tower are used as refrigerant. 

The separation achieved is computed using a surrogate model developed from running a flash calculation in 

CHEMCAD. Thus, the recovery in the liquid phase as a function of the pressure and temperature is correlated 

as follows.  
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 Thus, a mass balance to the flash determines the recycle gas and the product as follows.  
 

Liquid: 
 

, ,i out i i inm m                                                                                                                            (84) 

 
Gas: 
 

, ,(1 )i out i i inm m                                                                                                                   (85) 

         
 A purge is allowed to remove the impurities and avoid building up. The optimization decides the amount 

to be purged before recycling the unreacted gases back to the reactor system. The purge stream contains 

valuable hydrogen. Therefore, a membrane is located to recover it from the purge and recycle it. It is capable of 

recovering 85% of the hydrogen and, together with it, 10% of the other gases also go through the membrane 

(Air Products, 2016; Membrane Technology and Research, 2016).  

 3.5.- Solution procedure 

 The framework involves all the models for the units described along section 3 and consists of about 

1,500 equations and inequalities and approximately the same number of variables. It is formulated as a MINLP 

in GAMS with two binary variables, one per reactor design, and two alternative energy sources determined by 

integer variables on the number of solar panels and wind turbines required. The problem is decomposed by 

solving two relaxed NLPs, one per reactor design, and with the integer variables of the energy sources relaxed 

to continuous. The production rate, 300t/d, results in the need for a large number of either solar panels or wind 

turbines, reducing the error of approximating these integer variables by continuous ones. The complexity in the 

operation of the three bed reactors is solved by developing a rigorous kinetic model in MATLAB. The results in 

the temperature and conversions after each bed are used as bounds for the optimization of the process. Next, 
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the splitting fractions of the flow that feed the reactor are updated in MATLAB and run again to validate the 

temperature and conversion bounds are imposed in GAMS. The objective function consists of a simplified 

production cost where the power is provided by the PV panels (Photovoltaic Software, 2017) or the wind turbines 

(De la Cruz and Martín, 2016). The profiles of the solar and wind energy are taken from Davis and Martín 

(2014b): 
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 𝐶𝑝𝑎𝑛𝑒𝑙 is assumed to be 1080 €/kWp (IREA, 2012), 𝐶𝑎𝑟𝑒𝑎 is fixed to 7 €/m2 (NREL, 2012), 𝐶𝑡𝑢𝑟𝑏𝑖𝑛𝑒 

is 1600 €/kW and 𝐶𝑡𝑢𝑟𝑏𝑖𝑛𝑒
𝑜𝑝

 is 0.015 €/kWh (Davis and Martín, 2014).  

 The main decision variables are the operating pressures of the two distillation columns, the amount of 

hydrogen to be produced, the ratio nitrogen to hydrogen fed to the syntehsis section, the operating pressure and 

temperature at the converter, the splitting fractions that define the feed to each bed of the synthesis reactor, the 

operating conditions of the ammonia recovery section, the ammonia recovery temperature and the purge.  

 Each NLP is solved following a multistart optimization procedure with CONOPT 3.0 as preferred solver 

on a monthly basis. To achieve the total production capacity, 300t/d, once selected the best power technology 

on a monthly basis, the production profile is recomputed following the resource availability. Hourly operation is 
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out of the scope of this work, but the results on the energy consumption, the needs for raw materials and the 

economic analysis is valuable for a more detailed analysis of the operation of the plant. 

4. Results and discussion 

 4.1. Plant design and operation 

 In this section the operation of both plants, the one with a reactor that uses indirect cooling and the one 

that uses direct cooling are described. Both have a production capacity of 300 t/d of ammonia.  PV panels are 

selected over wind turbines by the optimization because of the allocation of the case of study, region in the South 

of Europe where solar incidence is high and even though wind velocity is not low, is not enough to be selected 

as energy source. Note that the framework presented is general and therefore can be run it in a different 

allocation with wind and solar data to see the selected technology for that region. 

 In the case of the direct cooling reactor, Figure 10 shows the production profile over time using solar 

panels as power source. The plant required 2.9 million PV panels with the current efficiency. The high cost of 

the panels result in the fact that they operate continuously at full capacity while the chemical plant will absorb 

the variation in the energy availability. Table 2 shows the main operating conditions of the major units. Tables 3, 

4 and 5 show the composition and operating conditions of major streams across the flowsheet. The low pressure 

section of Linde’s column operates at 1 bar, while the high pressure operates at 6 bar. The reactor is suggested 

to operate at 168 bar. This is the main energy consumption source for the chemical section of the process, but 

with the exception of the electrolyzer. The gases must be compressed to the operating pressure and it has to 

come at the expense of the renewable power produced, which is expensive. 61% of the syngas is fed to the first 

bed of the reactor, while 15% goes to the second and 24% to the third. The hot product gas is split in to three to 

heat up the fed to the beds. The split fraction is similar to the other one for the feed syngas. 64% of the hot 

product gas is used to heat up the feed to the first bed, 16% to the second and the rest to heat up the fed to the 

last bed. The reactor ammonia profile can be seen in Figure 11. After each bed the dilution of the gas shifts the 

equilibrium to the raw materials allowing the system to achieve a different equilibrium after the following catalytic 
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bed. Figure 12 presents the conversion profile over the length of each of the beds. The actual conversion per 

bed is low. Figures S1-S4 in the supplementary material show the temperature and pressure drop profiles across 

the three beds. 

 
Figure 10.- Ammonia production profile over time. 

 
 

Table 2.- Main operating variables of major units in direct cooling. 

Unit Pressure (Bar) Temperature (K)  

Distillation column LP 1 77.9 / 90.1  

Distillation column HP 6 96.7 / 100.3  

Synthesis Reactor. BI 168 673-768.7  

BII 168 717.4-769.9  

BIII 168 715.3-770.7  

Initial splitter 168 298 
To B1  0.61 
To B2  0.15 
To B3  0.24 

Recycle streams 168 770.7 
To B1  0.64 
To B2  0.16 
To B3  0.20 

Purge fraction 168 240 50% 

Ammonia recovery   0.92 
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Figure 11.- Ammonia concentration across the reactor. 

 

 
Figure 12.- Conversion profiles in the three beds of the direct cooling reactor. 

 
Table 3.- Main operating variables of the air separation section (Direct and indirect cooling). 

 Air Raw Material Double Column Final N2 Final O2 
 In In Out Out Out Out 

T (K) 292.0 98.7 77.9 90.1 214.7 298.0 

P (atm) 1 6 1 1 5 125 
 kmol/s kmol/s kmol/s kmol/s kmol/s kmol/s 

Water 0.006 0 0 0 0 0 

Oxygen 0.088 0.088 0 0.088 0 0.088 

Nitrogen 0.328 0.328 0.326 0.002 0.326 0.002 

Argon 0.004 0.004 0.001 0.003 0.001 0.003 
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Hydrogen 0 0 0 0 0 0 

Ammonia 0 0 0 0 0 0 

Total 0.426 0.42 0.327 0.093 0.327 0.093 

 
 

Table 4.- Main operating variables of the water splitting section (Direct and indirect cooling).  
Water raw material Electrolyzer Final H2 Final O2  

In In Out Out Out Out 

T (K) 292.0 353.0 353.0 353.0 363.0 298.0 

P (atm) 5 5 5 5 3800 125 
 

kmol/s kmol/s kmol/s kmol/s kmol/s kmol/s 

Water 0.411 0.472 0.022 0.043 0 0 

Oxygen 0 0 0.212 0 0 0.212 

Nitrogen 0 0 0 0 0 0 

Argon 0 0 0 0 0 0 

Hydrogen 0 0 0.001 0.424 0.423 0.001 

Ammonia 0 0 0 0 0 0 

Total 0.411 0.472 0.235 0.467 0.423 0.213 

 
 

Table 5.- Main operating parameters for the ammonia synthesis  (Direct cooling). 
 Ammonia Reactor Ammonia Separator Final Purge Gas 
 In Out Out Out Out 

T (K) 298.0 441.2 240.0 240.0 240.0 

P (atm) 168 168 168 168 168 
 kmol/s kmol/s kmol/s kmol/s kmol/s 

Water 0 0 0 0 0 

Oxygen 0 0 0 0 0 

Nitrogen 0.602 0.498 0.498 0.001 0.221 

Argon 0.003 0.003 0.003 0 0.001 

Hydrogen 1.806 1.495 1.495 0.001 0.111 

Ammonia 0.011 0.218 0.019 0.199 0.008 

Total 2.422 2.214 2.015 0.201 0.341 

 
 

 The beds are larger descending along the reactor. The higher ammonia concentration fed to each of 

the beds the deeper bed needed to reach the conversion. Thus, the first bed is 1.4 m deep, the second one 3.1 

m and the last one 5.7 m. The cross sectional area is 1.88 m2 resulting in the need for 2846 kg, 6456 kg and 

11710 kg respectively of catalyst. 92% of the ammonia produced is recovered. The unreacted gases contain an 
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inert that must be removed to avoid build up. 50% of the recycle is purged but the hydrogen is recovered using 

a membrane, see Table 2. 

 Similarly, the operating profile of the plant using indirect cooling follows that of the solar availability, see 

Figure 10. In this case, there is no gas dilution since cooling water is used to refrigerate the reactor, there is no 

dilution of the gas stream after each bed, see Figure 13, resulting in the fact that the conversion at each of the 

beds is smaller, see Figure 14, compared to the direct cooling version of the reactor. Figures S5-S7 in the 

supplementary material show the temperature and pressure drop profiles across the three beds. Table 6 shows 

the main operating conditions of the major pieces of equipment and Tables 3-4 and 7 show the details of major 

streams across the flowsheet. They are similar to the previous case not only for the distillation column, which is 

to be expected, but also for the reactor, 168 bar. In this case the beds depths are 1.5 m, 1.9 m and 3.2 m 

respectively. The beds are shorter than in the previous case, but with a larger cross sectional area, 3 m2. Thus 

the catalyst weights are 5224 kg, 6371 kg and 10755 kg respectively. Similarly to the use of indirect cooling, 

91% of the ammonia produced is recovered. 50% of the unreacted gases are purged but a membrane is used 

to recover hydrogen out of this stream, see Table 6. 

 

Figure 13.- Temperature and ammonia profiles along the indirect cooling reactor. 
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Figure 14.- Conversion at each of the reactor beds. Indirect cooling. 

Table 6.- Main operating conditions at major units in indirect cooling. 

Unit Pressure (bar) Temperature (K)  

Distillation column LP 1 77.9 / 90.1  

Distillation column HP 6 96.7 / 100.3  

Synthesis Reactor. BI 168 673-760.7  

BII 168 729.4-758.67  

BIII 168 731.38-767.78  

Purge fraction 168 240 50% 

Ammonia recovery   0.91 

 

Table 7.- Main operating parameters for the ammonia synthesis  (Indirect cooling).  
Ammonia Reactor Ammonia Separator Final Purge Gas 

 
In Out Out Out Out 

T (K) 298.0 378.7 240.0 240.0 240.0 

P (atm) 168 168 168 168 168 
 

kmol/s kmol/s kmol/s kmol/s kmol/s 

Water 0 0 0 0 0 

Oxygen 0 0 0 0 0 

Nitrogen 0.602 0.498 0.498 0.001 0.221 

Argon 0.003 0.003 0.003 0 0.001 

Hydrogen 1.806 1.495 1.495 0.001 0.111 

Ammonia 0.011 0.218 0.019 0.199 0.008 

Total 2.422 2.214 2.015 0.201 0.341 

 
 

 Due to the volatility in the price of the PV pannels and wind turbines and the expected decrease over 

time, Figures 15 and 16 show a sensitivity analysis to determine the selection of the energy source as a function 

of the cost and the energy availability. This Figure 15 shows, for four cases, low to high wind velocity and and 

low to high  solar incidence the pareto curves that determine the limit in the relative costs of the pannels and the 
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turbines for a particular technology to be selected. Furthermore, Figure 16 shows, for current technology costs, 

the pareto curve on the relative availability of solar or wind for that resource to be selected. 

Figure 15.- Pareto curves for PV panels and turbines cost 

Figure 16.- Pareto curve for solar incidence versus wind velocity for current costs of panels and turbines 

 4.2. Investment and production costs 
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The evaluation of the investment cost is based on the use of the factorial method presented by Sinnot 

(1999). It relies on the estimation of the unit costs. The correlations developed by Almena and Martín (2016) are 

used, most of them based on the information from the Matche web page (McNulty et al., 2014), while Goodrich 

(2012) is the reference for the solar panel cost and Saur (2008) for the electrolyzers. Because of the 

particularities of these facilities, the factorial method is used to estimate the cost of the chemical section of the 

plant. Next, the estimation of the solar panel section is added. Figures 17 and 18 show the breakdown of the 

investment cost for the different units for direct and indirect cooling respectively. In the case of direct cooling, 

the chemical section of the plant represents 53% of the investment in equipment. For the indirect cooling 

technology, the chemical plant represents 47%. In both cases the electrolyser is the largest contribution with at 

least 60% of the chemical plant costs. The direct cooling type plant shows a slightly lower investment cost, 1518 

M€ vs. 1552 M€ and the difference comes from the chemical section of the facility, 733 M€ vs. 699 M€, the rest, 

819 M€ correspond to the cost in solar PV panels. 

 

Figure 17. Equipment cost breakdown: Direct cooling. 
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Figure 18.- Break down of units costs: Indirect cooling  

 

 The operating costs are computed considering fixed and variable costs. The variable costs involve raw 

materials, where the oxygen produced is assumed to be an asset of the process at 21 €/t, utilities, mostly cooling 

water, and other materials, 5% of maintenance. The fixed costs include maintenance, labour, insurances, fees, 

and administrative costs, amortization, insurance and others. Labor is estimated based on salaries for the 

employees of the facility in Spain.  

 Lab costs are estimated as 25% of labour, supervision as 20% of labour, general costs ad 50% of 

labour, amortization is computed assuming 30 yr of life spam for the chemical units and 32.5 for solar panels, 

insurance is 1% of fixed capital, the units costs, fees correspond to another 1% of fixed capital (Sinnot, 1999). 

For the direct case, the production costs adds up to 146 M€/yr resulting in a production cost of ammonia of 1.35 

€/kg. In this case steam is generated to cooldown the reactor which also improves the sustainability of the 

process and represent another asset for the process. For the indirect cooling case the production costs are 3% 

higher, around 148 M€/yr resulting in a production cost of 1.38 €/kg. Both systems show similar economics within 

the error of estimation. Current cost of ammonia depends on the country but is within the rage of 0.1-0.3 €/kg 

(Boulamanti and Mayo, 2017) but values in te range of $0.5-0.6/kg are reported lately in the US (Pfromm, 2017). 

Therefore, much work must still to be done to reduce solar panels and electrolyzers cost.   



36 
 

 Over the next years it is expected that the panels cost decreases. Therefore, a sensitivity analysis on 

the production cost of ammonia with the cost of the panels is presented in Figures 19 for direct and indirect 

cooling. The investment cost is linear with ammonia production cost from current panel cost of 1050 €/kW to 

values of 300 €/kW. Furthermore, recent results show that panel’s efficiency is also expected to reach values of 

40%. Thus, in Figure 19 shows the effects of the expected increase in the efficiency on the final cost of ammonia. 

The price is still above the current fossil based ammonia but it is getting closer with savings of 10-30% as the 

efficiency increases up to 40%. Further improvements in the efficiency of the panels, probably up to 60-65%, 

are needed to reach current reported prices of ammonia. 

 

Figure 19.- Effect of panels cost on ammonia production cost: Direct cooling and Indirect cooling.  

5.- Conclusions 

 In this work an ammonia plant is designed using renewable power source. The main decision variables 

are the energy source, solar or wind, and the reactor structure. The operating conditions are optimized at major 

units such as air distillation, ammonia synthesis reactor and ammonia purification. Surrogate models for all the 

units are developed based on first principles and detailed simulation using process simulators, CHEMCAD, for 

air distillation, or a detailed MATLAB simulation for the two reactor structures so that the energy is optimally 

integrated within the direct cooling reactor system. 

 Solar energy is suggested for the location with the disadvantage of the large area required for solar 

panels. However, the decision between the uses of direct or indirect cooling is not easy being direct cooling 
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slight better in economic analysis, lower investment and production costs, both dominated by the cost of the 

solar field representing about 50% of the investment.  

 This analysis provides basic process information such as operating conditions and energy flows as well 

as process economics that are the starting point for the evaluation of the effect of resource uncertainty and detail 

solar and wind profiles over time. 

6.-Nomenclature 

𝐴𝑝𝑎𝑛𝑒𝑙   Area per panel (m2/panel) 

𝐴𝑡 Cross sectional area (m2)  

𝐴 Antoine equation parameter 
𝑎 Turbine fitting parameter (m/s) 
𝑎𝑖  Activity of component i (atm) 

𝐵 Antoine equation parameter 
𝑏𝑖 Effectiveness factor constant  

𝐶 Antoine equation parameter 
𝐶𝑝𝑖 Heat capacity of component i (kJ/kmol K) 
𝐶𝑝𝑎𝑛𝑒𝑙 Solar panel cost (€/kWp) 

𝐶𝑎𝑟𝑒𝑎 Area cost (€/m2) 

𝐶𝑡𝑢𝑟𝑏𝑖𝑛𝑒 Turbine cost (€/kW) 

𝐶𝑡𝑢𝑟𝑏𝑖𝑛𝑒
𝑜𝑝

 Turbine operational cost (€/kWh) 

𝐷 Diameter (m) 
𝐷𝑝 Particle size (m) 

𝐷2 Distillate flow in the high pressure column (kmol/s) 
𝑒 Steel thickness (m) 

𝐹  Total flow rate (Feed flow rate) (kg/s) 
𝐹𝑖 Molar flow rate of component I (kmol/s) 
𝑓𝑐 Flow rate (kg/s) 
G mass velocity (kg/m2 s) 
𝑔 Liquid fraction in the valve V-2 output 

ℎ Convection heat transfer coefficient (W/m2 K) 
I Solar Radiation (kWh/m2 d) 
𝑖 Liquid fraction in the valve V-3 output 
𝑗 Liquid fraction in the valve V-01 output  
𝐾𝑝 Equilibrium constant (1/atm) 

𝑘 Polytrophic coefficient  
𝑘𝑟𝑒𝑎𝑐 Rate constant (kmol/m3 hr) 

𝑘𝑖 Thermal conductivity of component i (W/m K) 
𝑀𝑤,𝑖 Molar mass of species i (kg/kmol) 

𝐿 Length of the circumference (m) 
𝐿1

′   Rectifying section liquid flow in the low pressure column (kmol/s) 

𝐿1 Stripping section liquid flow in the low pressure column (kmol/s) 
𝐿2

′   Rectifying section liquid flow in the high pressure column (kmol/s) 
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𝐿2 Stripping section liquid flow in the high pressure column (kmol/s) 

𝑚  Turbine fitting parameter (s/m) 
𝑁𝑢 Nusselt Number 
𝑛𝐻2

 Hydrogen moles (kmol) 

𝑛𝑁2
 Nitrogen moles (kmol) 

𝑛𝑁𝐻3
 Ammonia moles (kmol) 

𝑛𝑇 Total moles (kmol) 
𝑛𝑝𝑎𝑛𝑒𝑙  Number of solar panels 

𝑛𝑡𝑢𝑟𝑏𝑖𝑛𝑒  Number of turbines 

𝑃 Pressure (mmHg) 
𝑃𝐵𝑜𝑡,𝐻𝑃 Bottom pressure in the high pressure column (mmHg) 

𝑃𝐶𝑜𝑛𝑑,𝐻𝑃 Distillate pressure in the high pressure column (mmHg) 

𝑃𝐵𝑜𝑡,𝐿𝑃 Bottom pressure in the low pressure column (mmHg) 

𝑃𝐶𝑜𝑛𝑑,𝐻𝑃 Distillate pressure in the low pressure column (mmHg) 

𝑃𝑡𝑢𝑟𝑏𝑖𝑛𝑒 Power generated by a turbine (kW) 
𝑃𝑛𝑜𝑚 Nominal power of the selected turbine (kW) 
𝑃𝑝𝑎𝑛𝑒𝑙 Power generated by a solar panel (kW) 

𝑝𝑠𝑎𝑡_𝑎𝑡𝑚 Vapor saturation pressure (mmHg) 

𝑝𝑣_𝑎𝑡𝑚 Vapor pressure (mmHg) 

𝑃𝑇 Total pressure (atm) 
𝑃𝑁𝐻3

 Ammonia partial pressure (atm) 

𝑃𝐻2
 Hydrogen partial pressure (atm) 

𝑃𝑁2
 Nitrogen partial pressure (atm) 

𝑃𝑟 Prandtl Number 

𝑄 Volume flow (m3/s) 
𝑄𝑅𝑒𝑏 Heat flow in the high pressure column reboiler (kJ/s) 
𝑄𝐶𝐷,𝐻𝑃 Heat flow in high pressure condenser (kJ/s) 

𝑄𝐶𝐴,𝐿𝑃 Heat flow in low pressure reboiler (kJ/s) 

𝑄𝑖  Heat terms (kJ/s) 

𝑅 Radius (m) 
𝑅2 Bottom flow in the high pressure column (kmol/s) 

𝑅𝑒 Reynolds Number 
𝑟 Reaction rate (kmol/m3 hr) 

𝑇 Temperature (K) 
𝑇𝐵𝑜𝑡,𝐻𝑃 Bottom temperature in the high pressure column (K) 

𝑇𝐶𝑜𝑛𝑑,𝐻𝑃 Distillate temperature in the high pressure column (K) 

𝑇𝐵𝑜𝑡,𝐿𝑃 Bottom temperature in the low pressure column (K) 

𝑇𝐶𝑜𝑛𝑑,𝐿𝑃 Distillate temperature in the low pressure column (K) 

𝑈 Global heat transfer coefficient (W/m2 K)  
𝑉1

′  Rectifying section vapor flow in the low pressure column (kmol/s) 

𝑉1 Stripping section vapor flow in the low pressure column (kmol/s) 
𝑉2

′  Rectifying section vapor flow in the high pressure column (kmol/s) 

𝑉2 Stripping section vapor flow in the high pressure column (kmol/s) 

𝑣   Wind velocity (m/s) 
𝑋 Conversion 

𝑥𝑅1
𝑖  Liquid molar concentration in the low pressure reboiler  

𝑥𝐷2
𝑖  Liquid molar concentration in the high pressure distillate 

𝑦 Absolute humidity (kg of water vapor per kg of dry gas) 
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𝑦𝑅2

𝑖  Gas molar concentration in the high pressure column reboiler  

Z objective function  
 
Symbols 
𝜔 Solar panel efficiency  

𝜑 Relative humidity 
𝜂𝑠 Compressor efficiency 

𝜆𝑖 Vaporization latent heat of species i (kJ/kg) 
𝛷 Effectiveness factor 

𝛼 Kinetic parameter 
Ω catalytic activity 
𝛾𝑖  Fugacity coefficient of component i 
η Nitrogen conversion 
𝜇𝑖  Viscosity of component i (Pa·s) 
∆𝐻𝑟 Reaction heat (kJ/mol) 

𝜀 Catalytic porosity 
𝜌 Density (kg/m3) 

𝛿 Isolation thickness (m) 
𝛽𝑖 Separation yield in HX21 

𝜎𝑖 Separation yield in HX22 
𝜏 Conversion factor between hour and seconds  
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