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Abstract
[bookmark: OLE_LINK13][bookmark: OLE_LINK14][bookmark: OLE_LINK15][bookmark: OLE_LINK16][bookmark: OLE_LINK17][bookmark: OLE_LINK18][bookmark: OLE_LINK26][bookmark: OLE_LINK27][bookmark: OLE_LINK28]This paper presents an optimization approach of biogas to syngas via tri-reforming. The optimization, formulated as a NLP problem, is performed for three syngas ratios: according to the product that wants to be obtained: methanol, ethanol or FT-fuels. As a result, the optimal operating conditions and biogas composition are defined. For the production of ethanol, a biogas composed by CH4/CO2 52/48% is desired, requiring 0.035 molO2/mol Biogas in the reformer. For the production of methanol and FT, the biogas with the largest content of methane is desired to be reformed with 0.275 molO2/mol biogas. The largest H2:CO ratio required for methanol is achieved by feeding steam in a WGS reactor after the reformer. The syngas optimization study is completed including the tri-reformer model into a process integration problem for the production of FT fuels from biogas via high and low temperature FT synthesis. The production cost for a plant fed with 12 MMm3/y of biogas results in $3/gal for biodiesel via HTFT and $1.7/gal via LTFT. A scale-up study is also carried out for plants with both modes of operation, showing a cut point for profitability at 450MMm3/y.



1-Introduction
Developed societies generate large volumes of organic wastes such as the sludge from water treatment, urban and forest residues or manure [1]. Most of this organic wastes require of treatment before disposing them back to the environment. Here, anaerobic digestion represents a technology that allows not only processing and stabilizing the waste, but that also generates additional value in form of biogas and digestate as part of a circular economy [2-4]. For decades, these products were the only ones obtained, being the biogas only applied for power production [5, 6] and as source of methane for natural gas networks [5][7][8]. However, biogas is an interesting carbon source not only because of the methane, but also due to its application in syngas generation. Initially, biogas was upgraded transforming the methane into syngas and hydrogen via steam (SR) [9-12] and auto-thermal (ATR) [13, 14] reforming. However, the inherent CO2 of biogas can be also applied to syngas production via dry reforming (DR) [15]. Hernandez and Martin evaluated the possibility of using this biogas for the production of methanol via combined SR and DR [15]. Dry reforming does not only upgrade the biogas [16], but it also reduces CO2 emissions in the process [15]. The syngas produced from the reformer was also evaluated by Hernandez et al. [17] for the production of other chemicals such as DME, ethanol or F-T fuels. However, the study was conceived as a product design problem and the evaluation was only based on the H2:CO ratio and no process design has been performed for each of the chemical components produced except for methanol. The methanol production process defined by Hernandez and Martin [15] was thermodynamically evaluated by Vita,A. et al. [18] proposing upgrades such as the use of tri-reforming (TR) and providing a range of profitability for the process. 
TR is a technology that combines three methane reforming processes [19]: SR (Eq. (1)), partial oxidation (POX) (Eq. (2)) and DR (Eq. (3)). The synergetic combination of these three technologies has the merit of high economical advantage of SR [20,21], high energy efficiency of exothermal POX [22,23], and environmental advantage of carbon dioxide reforming [9,24,25] . 
   (1)
  (2)
  (3)
Kinetic models have been proposed and optimized for the study of tri-reforming process from methane [26,27] and natural gas [28, 29]. The integration of tri-reforming in process optimization and design has been only recently addressed by Balasubramanian et al. [30]. They performed an MINLP optimization selecting the optimal reformer, including tri-reforming, for different H2: CO syngas ratios and using natural gas as raw material [30]. However, there are not optimization studies referred to biogas TR and complete process design of fuels production has been also omitted. Thus, in this work we propose a parametric optimization approach evaluating different O2:Biogas ratios. The optimization is first applied for the production of syngas with different H2:CO ratios depending on the syngas application: for the production of methanol, DME, ethanol or F-T. The study allows identifying the optimal type of reformer, the optimal biogas composition and if external supply of CO2, steam or oxygen are required. 
The manuscript is completed with a second study. A new integrated process design for the production of FT fuels from biogas as raw material is proposed for the first time. Biogas is not only used for the direct production of FT fuels, but it is also considered in the operation of complementary units such as the burner, where it is used as fuel, or the hydro-treatment unit where the hydrogen used to recover the wax obtained at low temperature FT (LTFT) is obtained from biogas reforming.  
The rest of the sections of the paper are structured as follows. In Section 2, the modelling issues for the process optimization of biogas to syngas via tri-reforming are described. In Section 3, the modelling issues for the process design of syngas to Fischer-Tropsch fuels are defined. In Section 4, the results are presented. Finally, the conclusions are drawn in Section 5. 
2.- Modelling issues. Biogas to syngas
The process section of syngas production from biogas is presented in Figure 1. The biogas generated from anaerobic digestion is mainly composed by methane and CO2, apart from other substances in small quantities such as nitrogen, H2S, steam or NH3. These components of the biogas together with the rest of the components of the tri-reforming system belong to the set . Before processing the biogas, some of its components need to be removed since they can reduce the catalyst efficiency. Thus, a clean-up stage is initially introduced in the modelling in order to adapt the biogas to the reformer requirements. After the reforming, it may be necessary to clean and tune-up the H2:CO ratio of the syngas. A cleaning process to absorb the unreacted and impurities is initially proposed. It is followed by a hydrogen tuned-up section and then by a CO2 removal section. 
[image: C:\Users\Usuario\Desktop\BORJA\TRIREFORMING\Figuras\Figure_1.tif]
Figure 1. Syngas processing.
2.1 Biogas cleaning section. 
Biogas is a complex mixture of gases with a wide range of components and different compositions [6, 31 ,32]. For simplification purposes, the ranges of composition provided in Table 1 are taken. 
Table 1. Ranges of concentration for components of the biogas [32].
	Component (%vol)
	Minimum
	Maximum

	CH4
	0.37
	0.75

	CO2
	0.25
	0.50

	N2
	0.01
	0.17

	H2S
	2•10-5
	2•10-3

	H2O
	0
	0.031

	Ammonia
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	3.5•10-6



The biogas is fed to a mixed-packed bed of Fe2O3 and zeolites for the removing of H2S and ammonia. The bed can operate at 298-323 K and the capture of the ammonia is carried out by the zeolites, meanwhile for H2S captured is performed as follows [8]: 
 (4) 
The removal of ammonia is modelled assuming an efficiency of 100% and the removal of H2S is modelled following the stoichiometry of the reaction assuming complete conversion of the sour gas. The Fe2O3 of the bed can be regenerated using oxygen [8]. 
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Figure 2. Biogas cleaning and reforming.
2.2 Biogas Tri-reforming. 
As previously presented, TR combines the highly endothermic steam and dry reforming reactions with the exothermic partial oxidation of methane, improving the energy efficiency of the process [23]. Apart from these three reactions, the competitive water-was shift (WGS) reaction needs to be taken into account during the reforming processes [15][29], see eq. (5). 
  (5) 
The modelling of the reformer is based on chemical equilibria. The kinetic studies of Arab Aboosadi et al. [33] and Chein et al. [27] showed that oxygen reacts with methane at the beginning of the reactor and then the components are distributed according to the equilibriums achieved. Thus, TR is implemented in the optimization as follows. The mass balances in the tri-reformer are decomposed in two stages and one energy balance is carried out for the entire unit. In the first stage, the oxygen reacts as in eq. (2) and a conversion of 100% is assumed. In the second stage, DR, SR and WGS occur until the equilibria given by eqs. (6)-(8) is achieved [34][35]. 
  (6)
 (7)
 (8)
The atomic balances are also performed in this second stage as follows: 
 					(9)
 	(10)
 				(11)
The energy balance in the reactor is computed as from eq. (12):
 										(12) 
The amount of fuel required to be burned is computed assuming that the energy in Q(‘reformer’) is provided by lower heating value (LHV) of the fuels fed in the burner. The LHV is determined as function of the components that are recycled from the F-T and the supported biogas fed following eq. (13). For the parametric optimization of biogas to syngas described in this section, the recycling of gases from FT is set to zero.
   (13)
2.3 Syngas cleaning and composition adjustment. 
The gas coming out of the reformer is sent to a purification stage, Figure 2, where the H2:CO ratio is tuned-up according to the product that wants to be synthesized. First, water is removed in a two-step process using a flash before compression and a dephlegmator right after. Next, a PSA system is used to remove the last traces of hydrocarbons and nitrogen in order to avoid the deposition of carbon on the catalyst surface [36]. It operates at 298 K and 4.5 bar using silica gel as adsorbent with an assumed efficiency of 100% [37]. Thus, the gas coming out from the reformer needs to be compressed and cooled down. The compressor is modelled assuming polytrophic behaviour. During the cool down, the water condensates and it is discharged. The PSA system is modelled as two beds, one operating and other one in regeneration to allow the continuous operation of the plant. 
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Figure 3. Syngas purification.
Next, the syngas H2:CO ratio is tuned-up.  Three systems are allowed to modify the ratio: A WGS reactor to increase the amount of hydrogen, a bypass and a hybrid membrane-PSA system to reduce the hydrogen [37].  
The last cleaning stage is based on the removal of CO2 for the preparation of the syngas as it can be seen in Figure 3. CO2 can be fully or partially removed dependent on the composition required for synthesis. For methanol production, the CO2 composition is required to be from 2% to 8% in volume [38].  In the production of ethanol and Fisher-Tropsch fuel the CO2 content is limited up to 6% in volume to avoid the reduction of CO conversion [39]. To achieve this concentration, only part of the gas stream needs to be treated in the PSA system. The PSA absorbs the excess of CO2 using Zeolite 5A or 13X. It works at 298 K and 5 bar with an adsorption capacity around 0.1 kg of CO2 per kg of zeolite that allows the removal of 95% of the CO2 [40]. Thus, the stream coming from previous stage needs to be compressed and cooled it down. In this section, the water also condensates and it needs to be separated before access to the PSA membrane by mean of Flash-4.  
2.4 Solution procedure.
The problem addressed in this section is divided in three cases according to the syngas application. The H2:CO ratios are fixed to 2.5 for methanol [41], 1 for ethanol and 1.7 for FT fuels [30]. The following objective function, eq. (14), is evaluated for the three cases. The values for the prices of the components involved in the objective function are $3.3/1000 ft3 for methane [42], $0.021/kg for the O2 [28], $26 per tonne of CO2 [43]. The utilities are assumed to have a price of $5.7•10-5/kg for cooling water, $0.019/kg for steam and $0.06/kWh for electricity [44]. Finally, the Fe2O3 bed cost to remove H2S is $90 per kg of H2S removed [15]. 
   	(14) 
The equations involved in the problem show non-linearity such as the logarithmic, exponential and inverse functions of the equilibrium equations. Therefore, an NLP optimization is applied to every syngas ratio and changing the O2:Biogas ratio. It consists of 866 variables and 678 equations. The O2:Biogas ratios evaluated go from zero to 0.3:1.
3.-Modelling issues. FT process design.
In this section we present the modelling issues for the design of the biogas to FT fuels integrated process. FT synthesis produces alkanes that need to be introduced in the component set as . We consider 4 more fractions of alkanes as it is presented in section 3.2. 
The process superstructure is presented in Figure 4. It addresses the two possible modes of Fischer-Tropsch synthesis. On the one hand, FT-fuels production can be carried out at high temperature, between 590 K and 630 K. On the other hand, the operation can be performed at low temperature, between 440 K and 530 K [45]. Depending on the mode of operation selected in the FT synthesis, the design of the reactor is different and the products obtained are also different [45], which modifies the separation and purification operations required. 
In HTFT only traces of waxes are obtained together the rest of the products in the same stream, requiring a separation performed in two stages [46]: First, the most valuable liquid organic products, gasoline and diesel, are separated from the gases and water obtained in the FT synthesis. Second, fuels are separated and purified by means of a distillation column.
LTFT is carried out in a fixed bed reactor, obtaining a stream composed of two phases: A liquid phase composed by the heavy fractions (waxes) and a gas phase with the rest of FT products [46]. The amount of waxes obtained in this synthesis is more significant and a recovery of diesel and gasoline is also considered in the modelling of the process. The recovery is performed using a hydro-cracking reactor, which uses the hydrogen previously separated from the syngas and produces gasoline and diesel that are lately separated in a distillation column such as in HTFT. 


Figure 4. Integrated process of biogas to FT-fuels via tri-reforming.
In the following sections, the models in each of the process stages are defined. We start the definition from the syngas previously presented in Section 2. Its generation is not presented again but it is also included in the process design and integration. The only difference to be noticed is that the H2:CO ratio of the syngas is not fixed as before. Now, the boundaries are provided in the feed of the reactor, allowing the separation of hydrogen. Thus, in section 3.1 the hydrogen separation and FT reactants adjustment are discussed. Then, in section 3.2 the FT reactor is defined in its two modes of operation. Finally, in section 3.3, the separation, purification and hydro-treatment stages are presented in two parts: first, the separation of products involved in the HTFT and second, the LTFT.

3.1. Hydrogen generation and adjustment for Fischer-Tropsch
The syngas is initially fed to a palladium membrane where hydrogen is separated. The separation efficiency of the membrane is assumed to be 100%, working at 12 bar and 298 K [47]. Thus, the syngas needs to be compressed and cooled down before reaching the membrane. To avoid the presence of liquid water, a dephlegmator is defined before Sppliter-4. Two streams are obtained from the membrane. The hydrogen permeated is recovered at 1 bar of pressure and the stream that contains the rest of components is assumed not to have pressure drop [47].  
Since H2:CO ratio between 1 and 2 needs also to be ensured in the later F-T reactor, a splitter is previously required to separate the correct amount of hydrogen. Splitter-4 divides the flow in two streams that are later mix. One stream goes to the membrane and the other stream is a bypass sent to mixer M-4.  
After the mixer, the syngas with a H2:CO ratio between 1 and 2 needs to be compressed up to 30 bar; and a temperature between 440 K and 530 K for the LTFT reactor or between 590 K and 630 K for the HTFT reactor [46]. Thus, a compressor followed by a heat exchanger are defined before the reactor.
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Figure 5. H2 separation and synthesis.
3.2 Fischer-Tropsch reactor. 
The reactions taking place in a Fischer-Tropsch reactor are equivalent to a polymerization where larger chains are achieved thanks to the dissociation of CO over the catalyst. The main reactions can be seen in eqs. (15)-(16). The first reaction in eq. (15) corresponds to methanation, the second is the water gas shift and the third reaction is the Boudouard reaction. The methanation reaction and the Boudouard are undesirable [48] [49]. 

					(15)
The reaction given in eq. (16) is desired, and is the most dominant reaction when applying cobalt-based catalyst. When using iron-based catalyst, the WGS reaction also occurs. 
	(16)
The operating conditions depend on the types and quantities of Fisher-Tropsch products desired. Two operating modes can be selected:  HTFT (590-630 K) with pressures between 10 bar and 40 bar and iron based catalyst, or LTFT (440-530 K) with iron or cobalt catalyst [48][50]. The iron catalyst working around around 30 bar provides high selectivity for C10-C18, which means high selectivity for diesel production [46][48][50]. The H2:CO ratio shows an optimal for H2:CO=1.3:1 when the reactor is optimized individually [48], but limits between 1:1 and 2:1 are used as boundaries [50] [51].  
To determine the operating conditions in each of the two modes proposed, Anderson-Schulz-Flory distribution is assumed to model the products distribution [52]. The fraction of mass of the hydrocarbons, wi, depends on the probability of chain growth, . A conversion of 0.9 in CO is considered based on the results by Park & Norbeck (2009).[53] According to the studies of Song (2004),[54]  is a function of the temperature, and the ratio CO to H2  through eqs. (17)-(18) determine wi. The effect of  on the distribution of products obtained in the reaction is presented in Figure 6. 
 									   (17)
    	   (18)

Figure 6. Distribution of products from FT reaction and ranges of operation for HTFT and LTFT.
Figure 6 also includes the ranges of products obtained for HTFT and LTFT when eqs. (17) and (18) are analyzed. It can be seen that the products obtained are different and the strategies proposed in this work are also different since the low concentration of some products results in numerical errors during the optimization. Thus, the global problem is divided in two sub-problems, one for the integration and optimization of the HTFT process and another for the LTFT process. The model to compute the distribution of products for the LTFT mode is presented in section 3.2.1 and for the HTFT is presented in section 3.2.2. 

3.2.1 Modeling of the LTFT reactor
The distribution of the different fractions for LTFT can be seen in Figure 6 and are computed by numerical integration. The integration for light fractions is performed straightforward since the number of components is low. However, a simplification is required when more components are included in the fraction. The approach defined by Martin and Grossmann [55] is used for calculating the fractions as a function of , see eq. (19) to (24). 
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  			(23)
					(24)
The mass balance per fraction is given as from eq. (25) to (34). The shape of this reactor is also considered since it contains an internal separator as defined in Figure 7. It separates the products in liquid, mainly waxes, and gas fractions, the rest of components [45][46]. 

Figure 7. Generic industrial fixed bed LTFT cooling and recovery process. 
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3.2.2 Modeling of the HTFT reactor
HTFT generates products of lower Experimental results showed that the product of HTFT contains waxes up to 5% and diesel between 5-10% [46].   Performing the analysis of eqs. (17) and (18), the content is even lower: Only traces of waxes (up to 0.05%) and diesel fractions up to 3%  are obtained [52]. Thus, the waxes content in the product are assumed to be zero and no recovery of them by hydrocracking is needed in the following separation section. The computational resources required to model the production of diesel and waxes as well as for waxes recovery can be applied to provide more accurate results in the prediction of gasoline fraction. Now, the integrals are not reduced and they are computed following eqs. (19) and (20) for C1-C2 fraction and LPG. Meanwhile gasoline and diesel fractions are computed as in eqs. (35) and (36):
 							 (35)
    				 (36)
Hence, the mass balances for HTFT reactor are given as eqs. (37) to (46). The reactor is a fluidized bed where products are obtained in the same stream, as presented in [46].
 (37)
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3.3 Separation and purification 
The separations assumed in the model depend on the products obtained from the FT reactor. In previous section 3.2, two modes of operation are defined resulting in two different composition of the FT product. Therefore, this section is structured in two parts: In section 3.3.1 the separation and wax hydro-treatment sections for the LTFT products are presented and in section 3.3.2 the purification of HTFT products is presented.

3.3.1 Separation and purification of LTFT products.
LTFT reactor is composed of two outlet streams as presented in Figure 7. One liquid containing the waxes and another one in gas phase, composed by the rest of components. The fractions obtained in the gas stream from the LTFT reactor need to be separated since diesel and gasoline are desired to be obtained as purified products from the plant. The outlet stream of the reactor is composed by the organic fractions generated and water. The separation is presented in Figure 8 and it is carried out by a successive flash, three phase separator and distillation column [55] [56]. 
Flash-5 separates the lightest components (H2, CO, CO2 and C1-C2 fraction) from the other LTFT reactor products. The separation efficiency is assumed to be 1 and it is carry out by cooling down the reactor outlet stream until 303K. The gas stream composition is complex and further separation is not preferred since it involves larger costs and the stream can be used as substitute for the biogas in the burner of the reformer. It saves the biogas raw material used for heating the burner.
After Flash-5, the liquids products are sent to a three-phase separator, which may work at different pressures depending on the gas-liquid equilibrium [57-59]. Current case works at atmospheric pressure because of allowing LPG recovery in the gas fraction. The pressure reduction is performed by means of Valve-1. Furthermore, two liquid streams are also obtained from the three-phase separator: One of organic components (Gasoline and Diesel) and another of water. 

Figure 8. Separation, purification and wax recovery.
The water stream is sent to treatment and the rest of hydrocarbons go to the next stage of purification. The two liquid fractions are separated in a distillation system. The distillation tower for the oil mixture, Column-1, have 120oC for the top light fractions, gasoline, and 250oC for the heavier ones, diesel.  
Apart from the diesel separated in the outlet gas stream of the LTFT reactor, the liquid wax produced in the LTFT reactor can be also recovered to obtain more diesel and gasoline. The wax reacts with hydrogen in a hydrocracker. Hydrocracking reactor works at 140 bar and a range of temperature between 570 K and 670 K is assumed [60][61]. Therefore, the hydrogen previously separated by a palladium membrane needs to be compressed up to the hydrocracker pressure and the wax is also pumped. The conversion and the selectivity to diesel is dependent on the temperature following eq. (47) and (48) [55][61]:
      (47)
 	    (48)
The input of hydrogen and heavy fraction to the reactor are modelled as from Eq. (49) to (52). It is assumed that the hydrogen that left the reactor is be 600 ft3 of the hydrogen per bbl to be left with the products, and representing around 7.5 % of the total hydrogen fed in the hydrocracker [55] [61] [62].
			  (49) 
		  (50) 
			  (51) 
					  (52) 
The products obtained from the reactor are separated in Flash-6 where hydrogen is recovered in the gas stream and sent it back to the hydrocracker. The other products are sent to a distillation column. Column-2, separates diesel and gasoline from wax fractions. The distillation is carried out at atmospheric pressure, being the pressure of the fed reduced by mean of Valve 2. The temperature given by the light fractions in the top of the tower is 220 oC and in the bottom the wax is recovered at 300 oC. The light fractions composed by diesel and gasoline are sent to Mix-7 where they are separated from each other in Column-1. 
3.3.2 Separation and purification of HTFT products
Products from the HTFT reactor are obtained in the same outlet as gases. The stream is composed by different organic fractions and water that need to be separated. The separation is carried out by a successive flash, three phase separator and distillation column as it can be seen in Figure 9.  
Each of the units are modelled as presented in section 3.3.1. Flash-7 works at 30 bar and 303 K, separating H2, CO, CO2 and C1-C2 fractions in the gas stream. The three phase separator works at atmospheric pressure, removing LPG and Water from the rest of organics liquids. Finally, the distillation column is used to separate and purify Diesel and Gasoline fractions. 
[image: Figure_9]
Figure 9. Separation and purification of HTFT products.
3.4 Solution procedure. 
The integration and process design problem defined in this section is optimized in order to maximize the profit of the process. The global MINLP problem has been divided in two NLP problems attending to the reactor mode of operation. 
Five objective functions, eqs. (53) to (57) are defined in order to evaluate the weight of each product on the final result and if the biogas fed as fuel has any influence on the final objective function. Eq. (53) includes all the profit generated by all the products and the cost of biogas as a methane source in the burner is included. In eq. (54) the price of the biogas sent to the burner is not included. Eq. (55) is similar to eq. (53) but the price of diesel is not included. The same sensibility analysis is performed in eq. (56), where the price of gasoline is not included, or in eq. (57), where butane price is not included. The values for the prices involved in the objective function for O2, CO2, and utilities are the same that defined in section 2.4. The products are assumed to have a price of $1.7/gal for crude gasoline, $1.9/gal for crude diesel [63] and $580 per tonne for LPG [64]. 
   						 (53) 
    										(54) 
    										(55) 
    										(56) 
    						(57) 
Every objective function of the integration problem is set independently as an NLP problem with over 2,500 variables and 2,000 equations for the LTFT process. Meanwhile for the HTFT process the NLP problem is composed of 1,700 equations and 2,000 variables. Both modes of operation are modelled in GAMS and solved using a multi-start approach with CONOPT 3.0. After the process optimization, a heat integration is performed externally defining the heat exchanger network. Finally, an economic evaluation is accomplished to estimate the production cost of diesel and gasoline and the investment required for the plant. They are performed from the optimization that uses eq. (54) as objective function for HTFT and LTFT processes. 

4-Results.
The results of the two studies performed are presented in this section. In section 4.1 for the parametric optimization of biogas to syngas via tri-reforming and in section 4.2 for the process design problem of biogas to FT fuels. 
4.1- Parametric optimization of syngas production. 
The results for the parametric optimization of biogas to syngas via tri-reforming are compared in this section. Three H2:CO ratios are analysed according to the syngas use: methanol (2.5:1), ethanol (1:1) or FT-fuels (1.7:1) production. Figure 10 presents the values of the objective function, eq. (14), under different O2:Biogas ratios. The maximum profit obtained by the objective function is 0.015 when syngas is applied to methanol production, 0.007 when it is applied to ethanol and 0.016 to FT synthesis. The optimal values are achieved when the O2:Biogas ratio feed in the process is 0.275 for methanol production, 0.035 for ethanol and 0.275 for FT fuels production. 

Figure 10. Parametric optimization results.
However, O2:Biogas ratio does not only influences on the profit. The optimal composition of the biogas is also affected as well as the process operation conditions. Figure 11 presents the influence of O2:Biogas ratio on the biogas composition in the process feed and Table 2 summarizes the compositions when largest credit is obtained. It can be seen that when the O2:Biogas ratio in the tri-reformer increases, the CO2 composition in the biogas decreases. At small O2:Biogas ratios, the oxygen of CO2 is used as a substitute of O2 in the reformer, allowing more syngas production. The behavior of the methane content in the biogas as a function of the ratio is opposite to the behavior of the CO2 content, showing an increase for larger O2:Biogas ratios. Meanwhile the water content shows a step just before achieve the optimal for the three syngas products studied. This water content always takes the minimum value when the global optimal is achieved. Methane it is preferred since it contains more atoms of hydrogen per mole.  
In Table 2, it can be seen that for methanol and FT production the composition obtained for the global optimal is the same. In both cases, the maximum methane content is desired.  However, for ethanol production a different biogas composition is suggested since the ratio H2:CO required is not so large. Methane works as a source of hydrogen being lower quantities required when the process is optimized.   

Figure 11. Influence of O2:Biogas ratio on biogas composition.
Table 2. Global optimal composition of biogas.
	Component
	Methanol (H2:CO=2.5)
	Ethanol (H2:CO=1)
	F-T (H2:CO=1.7)

	CO2
	0.25
	0.479
	0.25

	CH4
	0.75
	0.521
	0.75

	H2O
	1•10-10
	1•10-10
	1•10-10

	N2
	1•10-4
	1•10-4
	1•10-4

	SH2
	2•10-5
	2•10-5
	2•10-5

	NH3
	1•10-6
	1•10-6
	1•10-6



Despite same compositions of biogas are obtained for methanol and FT syngas production, the process conditions are different as presented in Table 3. To allow achieving the ratio required for methanol and FT, another source of hydrogen is required. It can be seen in Table 3 that the second source of hydrogen, after adjusting the composition, is the addition of water in the WGS reactor of the syngas composition adjustment stage. It is preferred to add water after the reforming than before. For all the cases, the addition of steam and CO2 before the reforming is not selected. The reformer works at 1273K for methanol and FT production and 1231K for ethanol production in the global optimal of each case. Instead of the temperature is larger for methanol and FT, the biogas required to be burned is lower since energy is produced from the POX of the biogas involved in the process. In Figure 12 it is shown how the O2:Biogas ratio modifies the reformer parameters: For methanol, the biogas sent to the burner decreases until the optimal is achieved and then it increases again and the temperature decreases for O2:Biogas ratios larger than 0.275. For ethanol production, a light decrease is observed in the biogas sent to burner when O2:Biogas ratio increases; meanwhile the temperature shows a minimal for O2:Biogas ratio of 0.1. For FT production, the biogas sent to burner behaves similar than for methanol and the temperature achieved at the reformer is always the maximum allowed. 
The WGS reactor requires more water for methanol production, 0.21mol/mol of Biogas, than for FT fuels production, 0.06 mol/mol of Biogas when the process works in its global optimal; meanwhile for ethanol the reactor does not need to be included in the process. The analysis under different O2:Biogas ratios is also showed in Figure 12. It shows that for methanol production the steam fed to the WGS reactor decreases when O2:Biogas ratio increases and the temperature achieved is always the maximum since hydrogen generation is more promoted. However, for FT and ethanol production a similar behavior is observed, the use of a WGS reactor is never required. 
Table 3. Optimal process variables.
	Process variable
	Methanol
	Ethanol
	F-T

	Biogas sent to burner (mol/mol Biogas fed to process)
	0.092
	0.302
	0.092

	O2:Biogas
	0.275
	0.035
	0.275

	Treformer  (K) 
	1273
	1231
	1273

	Fraction WGS
	1
	0
	1

	Fraction PSA CO2
	0.66
	0
	0

	H2O WGS (mol/mol Biogas fed in the process)
	0.206
	0
	0.062

	Heat required (kJ/mol Biogas fed in the process)
	70.4
	51.9
	63.9

	Refrig required  (kJ/mol Biogas fed in the process)
	105
	71.2
	91.1




Figure 12. Effect of O2:Biogas ratio on process variables.
In Table 3 the fraction of flow sent to PSA membranes for CO2 removal is also presented. It can be seen that only methanol requires PSA treatment, being necessary to treat 66% of the syngas obtained when the credit obtained by eq. (14) is maximized. In Figure 12 it can be seen that for methanol production, the flow fraction sent to the PSA decreases before the optimal and then increases. For FT fuels, it is never required and for ethanol it is only required for O2:Biogas ratios larger than 0.175. 
The utilities consumption is also presented in Table 3. It can be seen that the syngas applied to ethanol production requires the lowest consumption of utilities. The reformer in ethanol production works at lower temperature and no WGS reactor is required. Thus, less heat and refrigeration are required. Opposite, the production of syngas for methanol requires the largest quantities of water in the WGS reactor. Therefore, more heat and refrigeration are involved than in the other two cases. 
4.2 Results of optimal biogas to F-T Diesel production processes
4.2.1 Process operation.
The results for the optimal operation of FT production process using biogas as raw material are presented in this section. The results of the two modes of operation, HTFT and LTFT, are compared through it. The results for the economic optimization are first presented in Table 4 comparing the five objective functions defined in section 3.4. It can be seen that LTFT provides large profitability for the process than LTFT. Table 4 also presents the contribution of each of the terms and a sensibility analysis using the definitions from eq. (54) to (57). 
Table 4. Economic Results for optimal HTFT and LTFT processes.
	Objective function
	
	HTFT 
	LTFT

	Z ($/mol of Biogas fed) Eq. (53) 
	7•10-4
	2.2•10-3

	
	Diesel ($/mol of Biogas fed)
	1•10-4
	1.8•10-3

	
	Gasoline ($/mol of Biogas fed)
	1•10-3
	1.4•10-3

	
	Butane ($/mol of Biogas fed)
	9•10-4
	4•10-4

	
	Electricity ($/mol of Biogas fed)
	-4•10-4
	-5•10-4

	
	Steam ($/mol of Biogas fed)
	-6•10-4
	-6•10-4

	
	Ref. water ($/mol of Biogas fed)
	-3•10-4
	-3•10-4

	Z ($/mol of Biogas fed) Eq. (54) 
	7•10-4
	2.3•10-3

	
	Diesel ($/mol of Biogas fed)
	1•10-4
	1.8•10-3

	
	Gasoline ($/mol of Biogas fed)
	1•10-3
	1.5•10-3

	
	Butane ($/mol of Biogas fed)
	9•10-4
	4•10-4

	
	Electricity ($/mol of Biogas fed)
	-4•10-4
	-5•10-4

	
	Steam ($/mol of Biogas fed)
	-6•10-4
	-6•10-4

	
	Ref. water ($/mol of Biogas fed)
	-3•10-4
	-3•10-4

	Z ($/10mol of Biogas fed) Eq. (55)
	6•10-4
	8•10-4

	
	Diesel ($/mol of Biogas fed)
	0
	0

	
	Gasoline ($/mol of Biogas fed)
	1•10-3
	1.5•10-3

	
	Butane ($/mol of Biogas fed)
	9•10-4
	6•10-4

	
	Electricity ($/mol of Biogas fed)
	-4•10-4
	-4•10-4

	
	Steam ($/mol of Biogas fed)
	-6•10-4
	-6•10-4

	
	Ref. water ($/mol of Biogas fed)
	-3•10-4
	-3•10-4

	Z ($/10mol of Biogas fed) Eq. (56)
	-2•10-4
	9•10-4

	
	Diesel ($/mol of Biogas fed)
	1•10-4
	1.9•10-3

	
	Gasoline ($/mol of Biogas fed)
	0
	0

	
	Butane ($/mol of Biogas fed)
	8•10-4
	4•10-4

	
	Electricity ($/mol of Biogas fed)
	-4•10-4
	-6•10-4

	
	Steam ($/mol of Biogas fed)
	-5•10-4
	-6•10-4

	
	Ref. water ($/mol of Biogas fed)
	-2•10-4
	-3•10-4

	Z ($/10mol of Biogas fed) Eq. (57)
	-2•10-4
	1.9•10-3

	
	Diesel ($/mol of Biogas fed)
	1•10-4
	2•10-3

	
	Gasoline ($/mol of Biogas fed)
	9•10-4
	1.4•10-3

	
	Butane ($/mol of Biogas fed)
	0
	0

	
	Electricity ($/mol of Biogas fed)
	-4•10-4
	6•10-4

	
	Steam ($/mol of Biogas fed)
	-5•10-4
	6•10-4

	
	Ref. water ($/mol of Biogas fed)
	-3•10-4
	3•10-4



It can be also seen in Table 4 that the optimal value of the objective function is not modified for HTFT process when the cost of methane contained in the biogas is included. The amount of Outgas produced in HTFT is enough large that does not require from external biogas supply once outgas has been recycled.  For LTFT process, a light change is observed from the result of the objective function, eq. (53), to the one without methane, eq. (54).  
Attending to the contribution of each component to the final profit, the following conclusions are obtained: Gasoline and butane are the two components that generate more added value to the HTFT. The maximum profit is never positive when one of both is not included as valuable product in the objective function since the amount produced is larger than for diesel. For LTFT, the most valuable product is diesel and the least valuable is butane. The lower temperatures achieved in the FT reactor promote the generation of large amount of products with larger chains such as diesel and waxes. 
The contributions of each component also modify the biogas composition and process operation parameters. The optimal biogas composition is presented in Table 5 and the main operating conditions of the process are presented in Table 6. It can be seen that larger amounts of methane are preferred for LTFT mode than for HTFT. The selection is given because of the large hydrogen quantities required in the process. Instead of a lower H2:CO ratio is observed at the entrance of LTFT reactor (see Table 6), more hydrogen is required in LTFT process to recover the wax via hydro-cracking. Opposite to the methane composition, the CO2 shows less concentration for LTFT and the rest of the components achieve their minimum value.
Table 5. Optimal biogas composition for HTFT and LTFT processes.
	Component
	HTFT
	LTFT

	Methane
	0.622
	0.69

	CO2
	0.378
	0.31

	SH2
	2•10-5
	2•10-5

	N2
	1•10-4
	1•10-4

	H2O
	1•10-10
	1•10-10

	NH3
	1•10-6
	1•10-6



The results of the main operating parameters for the optimization of both processes following eq. (53) are presented in Table 6. It can be seen that tri-reforming is preferred than a combined dry and steam reforming as it has been suggested in previous works for syngas [30] or methanol production [18]. Large amounts of oxygen are required for LTFT than for HTFT process that allow achieving also higher temperatures at the reactor. However, the conversion in the reformer is larger for HTFT process since lower quantities of methane are desired to be contained in the biogas fed. 
The cleaning section of the syngas does not require of WGS reactor to generate large quantities of H2 as it is obtained for syngas with H2:CO ratios of 1 (ethanol production in section 4.1). However, CO2 reduction by means of PSA membranes is desired not only because of ensuring a CO2 concentration lower than the maximum allowed, but also to improve the FT reactor efficiency since large CO and H2 are ensured. After the membrane, a 32% of the syngas needs to be sent to a palladium membrane where hydrogen is recovered in LTFT process. 
The results obtained for the parameters of the FT reactor in Table 6 show that HTFT reactor requires to operate with an H2:CO ratio larger than LTFT. The rest of the parameters are in agreement with the model defined. Larger temperatures resulting in lower αFT are obtained in the HTFT reactor. The products obtained from the HTFT reactor contain higher quantities of light products such as methane and LPG and low compositions of diesel and waxes. Contrary, the LTFT reactor promotes the generation of products with larger chains. The fraction with higher production corresponds to gasoline (0.036 mol per mol of Biogas fed in the process).  Furthermore, LTFT reactor also generates waxes that are treated to improve the process profitability and the gasoline production up to 0.037 mol per mol of Biogas fed in the process and the diesel production changes from 0.019 to 0.021 mol/mol of biogas fed. The hydrocracking of the waxes is performed at 623K, resulting in a conversion of 0.567 and a selectivity to diesel of 76%. 
Table 6. Main operating parameters for economic optimization, eq. (53).
	OPERATING VARIABLE
	HTFT
	LTFT

	Dry reforming reactor temperature (K)
	1234
	1273

	Biogas burned (mol /mol Biogas fed in the process)
	0.176
	0.0376

	O2 fed in tri-reforming (mol /mol Biogas fed in the process)
	0.1434
	0.2715

	XCH4
	0.92
	0.9

	Fraction sent to WGS 
	0
	0

	CO2 removed in PSA per mol of biogas fed in the process
	0.022
	0.018

	Fraction sent to Palladium membrane
	-
	0.317

	TSynthesisFT (K)
	590
	507.3

	H2:CO in synthesis reactor
	1.203
	1

	CO2 in synthesis reactor (% vol)
	0.05%
	0.9%

	[bookmark: OLE_LINK4][bookmark: OLE_LINK5][bookmark: OLE_LINK6]αFT
	0.575
	0.844

	THydrothermal (K)
	-
	623

	XWax
	-
	0.567

	SWax to diesel
	-
	0.759

	Fraction of outgas sent to burner
	0.003
	0.844

	Outgas produced from reactor (mol /mol Biogas fed in the process)
	0.468
	0.264

	Butane produced in the process (mol/mol Biogas fed in the process)
	0.058
	0.024

	Gasoline produced (mol /mol Biogas fed in the process)
	0.025
	0.037

	Diesel produced (mol /mol Biogas fed in the process)
	0.001
	0.022

	Cooling water (kg/mol of biogas fed in the process)
	4.69
	5.73

	Steam required (kg/mol of biogas fed in the process)
	0
	0.0025

	Electricity required (kW/mol of biogas fed in the process)
	265.9
	359.1



The optimization based on eq. (53) is considered the most typical since credit can be obtained for selling all the products. However, performing the sensitivity analysis by deleting the credit from each of the products, different results are obtained. The results when any of the products are not included in the objective function as presented in Table 7. The two first columns of Table 7 shows the parameters of the optimal solution when the biogas fed to the burner is considered as a valuable product since the methane can be used for other facilities. As result, it can be seen that no biogas is suggested to be burned in the reformer. All the fuel come from the outgas. The rest of the process parameters are not affected for HTFT process and lightly affected for the LTFT process. The main changes observed are a decrease of the fraction of hydrogen separated in the palladium membrane and light increase in the FT-reactor temperature and H2:CO ratio. The hydrocracking reactor works at lower temperature, resulting in lower conversions. However, the products obtained are roughly the same. 
Based on the sensibility analysis performed for the products, it can be seen in Table 7 that the oxygen required in the tri-reformer decreases in HTFT and LTFT processes when gasoline is not included in the objective function, eq. (56). The reformer also shows differences in the operational parameters when diesel is not included in the objective function, requiring to work at lower temperatures and resulting in larger conversions. Once the syngas is produced, the tune-up and cleaning section never requires the use of a WGS reactor for hydrogen generation and in the HTFT process. PSA membranes are required to capture the CO2 when butane (eq. (57)) and gasoline (eq. (56)) are not included in the objective function. The next stage in the process is the FT reactor, which also modifies its operating conditions in order to promote the generation of fuels defined in the objective function. The reactor does not show changes of temperature when it works in HTFT mode (the maximum reactor temperature is always achieved), using the H2:CO ratio to promote the generation of the products desired. However, in LTFT mode the generation of products defined in the objective functions is given by modifying both parameters, the temperature and the H2:CO ratio. In both modes of operation, the H2:CO ratio is always larger when diesel is not included in the objective function, helping to reduce the length of the chain, αFT. The following stage in the LTFT mode is the recovery based on hydro-treatment. It can be seen in Table 7 that the temperatures are larger when components with larger chains are not included in the objective function. For example, the exclusion of diesel, eq. (55), requires large temperatures, not only to have waxes conversion but also to obtain a low selectivity to diesel and promote gasoline production. 

Table 7. Main operating variables results for optimal solution of eqs. (54), (55), (56) and (57).
	OPERATING VARIABLE
	HTFT eq. (54)
	LTFT eq. (54)
	HTFT eq. (55)
	LTFT eq. (55)
	HTFT eq. (56)
	LTFT eq. (56)
	HTFT eq. (57)
	LTFT eq. (57)

	Dry reforming reactor temperature (K)
	1234
	1273
	1245
	1242
	1253
	1273
	1273
	1273

	Biogas burned (mol/mol of Biogas)
	0
	0
	0.167
	0.1188
	0
	0.0455
	0.1798
	0.0495

	O2 fed in tri-reforming 
	0.1434
	0.275

	0.1526
	0.163
	0.1402
	0.275
	0.055
	0.275

	XCH4
	0.92
	0.9
	0.911
	0.917
	0.936
	0.9
	0.9
	0.9

	Fraction sent to WGS
	0
	0
	0
	0
	0
	0
	0
	0

	CO2 removed in PSA per mol of biogas fed in the process
	0.022
	0
	0
	0
	0.019
	0
	0.0039
	0

	Fraction sent to Palladium membrane
	-
	0.172
	-
	0
	-
	0.317
	-
	0.317

	TSynthesisFT (K)
	590
	509
	590
	519
	590
	508
	590
	507

	H2:CO in synthesis reactor
	1.203
	1.212
	1.24
	1.2447
	1.202
	1
	1.203
	1

	CO2 in synthesis reactor (%vol)
	0.05
	1.5
	0.8
	1
	0.05
	0.9
	0.07
	0.9

	αFT
	0.575
	0.805
	0.573
	0.774
	0.575
	0.825
	0.575
	0.825

	THydrothermal (K)
	-
	654
	-
	673
	-
	647
	-
	623

	XWax
	-
	0.567
	-
	0.876
	-
	0.491
	-
	0.567

	SWax to diesel
	-
	0.795
	-
	0.565
	-
	0.85
	-
	0.795

	Fraction of outgas sent to burner
	0.594
	0.401
	0.012
	0.898
	0.595
	0.427
	0.991
	0.391

	Outgas produced from reactor (mol per mol of biogas fed in the process)
	0.4683
	0.2979
	0.4923
	0.3217
	0.472
	0.2636
	0.364
	0.2636

	Butane produced in the process (mol per mol of biogas fed in the process) 
	0.0578
	0.0284
	0.0584
	0.0343
	0.0544
	0.0235
	0.0449
	0.0235

	Gasoline produced (mol per mol of biogas fed in the process)
	0.0254
	0.0378
	0.0255
	0.0401
	0.0257
	0.0354
	0.0198
	0.0342

	Diesel produced (mol per mol of biogas fed in the process)
	0.0013
	0.0212
	0.0013
	0.0161
	0.0013
	0.0243
	0.001
	0.024



[bookmark: OLE_LINK2][bookmark: OLE_LINK3]4.2.2 Economic evaluation.
[bookmark: OLE_LINK7][bookmark: OLE_LINK8][bookmark: OLE_LINK11][bookmark: OLE_LINK12]An economic evaluation of the two plants for HTFT and LTFT process has been carried out in order to estimate the main costs of the plant and the final price that the fuel can reach following the economic optimization variables achieved in previous optimization. The plant size has been designed to be fed with a flow of 12 M m3/y of biogas, which is a tenth of the maximum potential biogas in the region of Madrid [15]. Despite the population density in the region is large (805 inhabitants/km2) and the waste generation is concentrated, the region is small, 8,030 km2 [66] and larger plants can be designed for other locations. Therefore, a scale-up study is also presented in this section. 
[bookmark: OLE_LINK9][bookmark: OLE_LINK10]Investment Cost
The factorial method is used to estimate the investment cost of the facility [67]. It is based on the cost estimation for the units involved in the process that is performed as follows:
· SH2 iron foam has been estimated following the cost per kg of SH2 removed [15]. A cost of $260 per year is estimated for the optimal composition of biogas obtained when 12 M m3/y of biogas are processed.
· The cost of hydrocarbon and CO2 removal beds has been estimated considering two components. First, the cost of the vessel using the Matche’s cost estimator [68] and, second, the cost of the molecular sieves following the correlations presented by Almena and Martin [69]. 
· Flash separators and tri-phase separator have been estimated using the cost of the vessel given by the weight of the metal [69].
· The cost of pump and compressors is estimated as a function of the power consumption required per unit [69].
· Fired heater cost has been estimated as a cylindrical fired heater, with the heat requirements given by the optimization and using Matche correlations [68].
· Heat exchangers cost, that also includes FT and hydro-treatment reactors and evaporator and condenser from distillation columns, has been computed by the heat exchanger area following the correlations presented in Almena and Martin [69].
· Distillation columns cost are estimated considering the cost of the vessel and the plates as presented in Almena and Martin [69]. The number of plates is computed from the optimization results and using short-cut methods with an efficiency of 80% per plate. The distillation column of HTFT process is composed of 10 plates, the distillation column of LTFT that separates gasoline and diesel is composed of 13 plates and the distillation column after hydro-treatment is composed of 12 plates. 
Figure 13 shows the contribution to the investment cost per type of unit. It can be seen that the cost involved in heat exchanger processes is larger than the other equipment required in both HTFT and LTFT processes.

Figure 13. Unit Cost distribution.
Using the factorial method [67] for plants that process gases and considering a feed of 12 M m3/y of biogas, the capital cost of the plant adds up to $8 M for the HTFT plant and $19 M for the LTFT plant. 
Production Cost
Production Cost is estimated considering maintenance, labor, administration and management, other expenses and units amortization, except for the membranes, which have to be replaced annually. All these items are estimated based on Silla´s method [70]. The cost of the raw materials and utilities are computed using the prices presented in the description of the objective function. The distribution of costs per year for HTFT and LTFT plants are shown in Figure 13. It can be seen that they are highly controlled because of the equipment cost, which represents more than 60% of the production costs in both cases. 

Figure 14. Cost distribution.
The costs are distributed between the production of LPG, gasoline and diesel maintaining the current ratios of prices per kg. The price of each component is computed using a factor as presented in eq. (58). Where  is the average price, which is computed following eq. (59). 
  									(58)
   								(59)
Thus, for the HTFT process the production cost of LPG is $610/ton, for gasoline a production cost of $2.57/gal is obtained and for diesel it is $3.02/gal. The prices with this technology are not competitive with the current selling price: $580/ton for LPG, $2.5/gal for gasoline and $2.9/gal for diesel. Therefore, the production of the fuels following the current process and the size designed for a 10% of potential biogas is not profitable. 
The LTFT process shows lower production costs. A production cost of $520/ton is obtained for LPG. For gasoline a production cost of $1.25/gal is obtained and for diesel a value of $1.67/gal results. The LTFT process reduces the production costs, resulting in a more competitive process with prices lower than the current selling price but not much lower than the current production cost, which is estimated to be $1.7/gal for gasoline and $1.9/gal for diesel (Taxes, distribution and marketing costs have been discounted from [62]). Thus, this current process might be competitive with current prices if a taxes to promote sustainability are defined.
The current processes can be also evaluated with other processes that produce biodiesel from wastes. A production cost of €0.31/gal of diesel was obtained for a plant that produces 90 Mgal of diesel [71]. To allow the production of such as diesel quantities, the processes need to be scale-up and the cost of the anaerobic digester needs to be included in the economic analysis of both processes. The cost of anaerobic digester is computed as presented in [71]. The production prices of both modes of operation, HTFT and LTFT, with and without the cost of anaerobic digester are summarized in Figure 15. To produce 90 Mgal of fuels (diesel, gasoline and LPG), LTFT plant requires to treat 60 M m3/y and HTFT requires 85 M m3/y. As result, the average price of the fuels produced are $1.03/kg for LTFT and $1.8/kg HTFT Focusing on diesel, the production prices obtained are $3.3/gal for LTFT and $5.4/gal for HTFT. Thus, the new processes are less competitive than the developed previously and the production costs are larger than the current selling price when the anaerobic digester cost is included in the CAPEX. Figure 15 also shows a cut-point for LTFT and HTFT processes. It can be seen that LTFT process is more profitable than HTFT for plants smaller than 450 M m3/y of biogas.

Figure 15 –Scale up of production costs for FT facilities.

5- Conclusions. 
In this work an optimization approach has been performed to evaluate the biogas tri-reforming for the production of different syngas ratios. As result, the work provides the optimal process conditions and optimal biogas composition for three different syngas applications. The optimization selects a biogas mainly composed by 52% of methane and 48% of CO2 when syngas is later applied to ethanol production. Meanwhile for methanol and FT fuels production the biogas with largest content of methane is selected. The largest H2:CO ratio required for methanol is achieved introducing more steam in a WGS reactor after the reformer. Apart from the WGS reactor, which is only required for the production of methanol and FT, a PSA system is also needed to capture the CO2 when syngas is applied to methanol production. 
The work is completed with a second section where the tri-reformer model is defined within a process integration problem for the production of FT fuels from biogas at high and low temperatures of operation. The integration does not only applied the biogas as raw material for the process, but it also used it as fuel or for the production of extra hydrogen in the reformer when it needs to be used in the hydro-treatment of the waxes.  This hydrogen is endogenously generated in the process, avoiding the external demand and ethical issues because of the use of fossil based hydrogen as well as allowing the implementation of the LTFT plant in isolated locations. The study applied to a plant fed directly with biogas, considering it as a waste with zero cost and from a plant fed with wastes, which requires treatment via anaerobic digestion. For the plant fed with 12 MMm3/y of biogas results in a production cost of $3/gal for diesel via HTFT and $1.7/gal via LTFT. The production cost obtained are larger than the current production cost of fuel but lower than the final selling price, in the case of LTFT process. Therefore, LTFT might become a sustainable solution if taxes promoting sustainability are implemented. In the case of the same plants (producing 12MMm3/y of biogas via anaerobic digestion) fed with wastes, the production costs increases up $4.6/gal for LTFT and $9/gal for HTFT, which are not profitable comparing with the current selling prices of diesel. 
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