Supporting Information

Biomass based sustainable Ammonia

production: Digestion vs Gasification

Antonio Sanchez?, Mariano Martin#!, Pastora Vega®

aDepartment of Chemical Engineering. University of Salamanca. Plz. Caidos 1-5. 37008.
Salamanca (Spain)

bDepartment of Computer Science. University of Salamanca. Plz. Caidos 1-5. 37008. Salamanca
(Spain)

Total number of pages: 21
Total number of figures: 2

Total number of tables: 8

! Corresponding author. Tel.: +34 923294479
Email address: mariano.m3@usal.es

S1



1. Process model
The modelling issues of the different unit involved in the process have been described in this section.
1.1 Gasification

Three gasification alternatives have been considered: indirect gasification, direct gasification with

oxygen/steam and direct gasification with air/steam (see Figure 2).
1.1.1 Indirect gasification

Indirect gasification (Figure 2-A) consists of two chambers: one to gasify the biomass using steam as
gasifying agent and the other one to burn the char produced during the biomass gasification to generate
the heat necessary for the gasification of the biomass. Olivine is the solid used as heat transfer agent
between the two chambers. The pressure in the gasifier is fixed to 1.6 bar'. The ratios between steam and
dry biomass and olivine and dry biomass are taken from Phillips et al.2 and are equal to 0.4 kg steam/kg

dry biomass and 27 kg olivine /kg dry biomass, respectively.

To determine the outlet gas flow and its composition, the experimental correlations and methodology
proposed by Phillips et al.2 have been considered. The temperature range for the correlation is 966-1287

K. The equation for each variable (X) collected in Table S1 is as follow:

X =a+bT +cT? (S1)
Where T is the temperature in °F.

Table S1: Correlations for modelling the indirect gasification?

X a b c Units
Dry Syngas 28.993 -0.043325 0.000020966 scf gas/ Ib maf wood

CO 133.46 -0.1029 0.000028792 % mol dry gas
CO2 -9.5251 0.037889 -0.000014927 % mol dry gas
CHs -13.82 0.044179 -0.000046467 % mol dry gas
CoHq -38.258 0.058435 -0.000019868 % mol dry gas
C2He 11.114 -0.011667 0.000003064 % mol dry gas

H2 17.996 -0.026448 0.00001893 % mol dry gas
CoH2 -4.3114 0.0054499 -0.000001561 % mol dry gas
Tar 0.045494 -0.000019759 0 Ib/Ib dry wood
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The amount of oxygen, sulphur and nitrogen in the char is fixed to 4%, 8.3% and 6.6% with respect to the
original component in the inlet biomass. The mass balances complete the equations to describe the

gasifier operation.

The stream exiting the gasifier contains the gases generated, char, ash from biomass and olivine. In the
cyclone, solid components are separated with an efficiency of 99.99%. These are sent to the combustor

while the gas continues to the cleaning stages.

In the combustor, the char is burnt with air. An excess of air of 20% is assumed and this air is preheat
before being introduced in the combustor up to 473 K.2 Mass and energy balances are used to compute
the composition of the leaving gases and their final temperature. Total combustion of the char is assumed.
A specific heat of combustion for char of 25000 kJ/kg is taken*. Olivine is added to the combustor to
replace the small solid amount dragged by the gases. The particles leaving with the outlet gases from the

combustor are removed and cooled down to ambient temperature before they are released.

1.1.2 Direct gasification with O,/Steam

Direct gasification (Figure 2-B) uses only one chamber to carry out the gasification process. To model the

gasifier performance, the correlation from Dutta & Phillips® are used. The correlation is of the form:

f=A+B-P+C-T+D- ©, +E- H,O (S2)
Feed C Feed C

Where f; is the molar ratio for each component according to Table 3, P is the gasifier pressure in psi, T is

the temperature in °F, (O,/Feed C) is the molar ratio between fed oxygen and the inlet carbon in the

biomass and (H.O/Feed C) is the molar ratio between inlet steam and the inlet carbon in the biomass. The

coefficients for the equation are collected in Table S2.
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Table S2: Correlations to describe the behaviour of O/Steam direct gasification®

Molar ratio (f) A B C D E
HJFeedH | -3.830761E-1 | 1.894350E-4 | 2.666675E-4 | 1.060088E-1 | 7.880955E-2
COFeed C | -8.310017E-2 | -3.340050E-4 | 2.614482E-4 | 1.495730E-1 | -5.268367E-2
COJFeed C | 7157172E-2 | 3.843454E-4 | 1.286060E-5 | 6.124545E-1 | 9.980868E-2
CHJFeed C | 1.093589E-2 | 1.388446E-4 | 8.812765E-5 | -2.274854E-1 | 3.427825E-2
CHiFeed C | 5.301812E-2 | -6.740399E-5 | -1.372749E-5 | -0.076286E-3 | -4.854082E-3
CHe/Feed C | 1.029750E-1 | -5440777E-6 | -5.350103E-5 | -3.377091E2 | -1.915339E-3
CeHo/Feed C | 4.676833E2 | -1.937444E-5 | -1.270868E-5 | -1.046762E2 | -8.459647E-3
CroHg/Feed C | 1.827359E-2 | -2.328921E-6 | -5.951746E-6 | -1.936385E-2 | -7.678310E-4
Char

_ :

A’Fg‘ing in 336 0.00 0.00 0.00 0.00

_ .

A’Fg‘;‘lrs n 8.45 0.00 0.00 0.00 0.00

_ :

A’F%ehi? n 1512040 | 1582010E-4 | -6.972612E-4 | 1.573581E-1 0.3332

The temperature range for the correlation is between 1027 -1255 K and for pressures between 5.75- 23.75
bar. The ratio oxygen/inlet carbon must be in the range of 0.148-0.343 and the ratio steam/inlet carbon
between 0.24-1.975. The gases leaving the gasifier are cleaned from solids in two cyclones, the first one to

remove the char and the second one to remove the ashes'.
1.1.3 Direct gasification with Air/Steam

The direct gasifier with air and steam uses a configuration similar to the direct gasifier with oxygen/steam.
However, the oxygen is replaced by air or an enriched air with up to an oxygen molar fraction of 0.4. A
surrogate model based on correlations has been developed in this work. The data for these correlations
have been taken from the experiments carried out in a gasification pilot plant®”. The data used to develop
the correlations employed wood pellets as raw material with an empirical formula of CH1400e4 (dry and
ash free) calculated based on the ultimate analysis of the biomass. The gasifier operated adiabatically.
The working pressure was atmospheric. With these data, the yield (Vi) for Hy, CO, CO, CH4 and Char was
correlated as a function of four variables: the Gasifier Temperature (T), the Steam to Biomass ratio (S/B)

defined as the mass ratio between the inlet steam flow and the fed biomass (dry and ash free), the oxygen
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percentage of the enriched air (OP) and the equivalent ratio (ER) defined as the mass ratio between the

real inlet oxygen respect to the stoichiometric oxygen required for combustion. This data has been fitted to

the following equation:

Y, =a,+aT +a,T? +a,ER +a,ER? +a,(S/B)+a,(S/B)’ +a,0P +a,0P>

(S3)

Where Y. is the yield as g/kg dry and ash free (daf) biomass and T the temperature in K. The Table S3

collects the coefficient for the equation eq.(S3). The correlations have been obtained for the following

ranges for the variables: ER, 0.19-0.38, OP, 0.21-0.4, S/B, 0-0.63, T, 1000-1113 K.

Table S3: Correlations to model the Air/Steam direct gasifier.

H. CcO CO, CH;4 Char
Qo 236.134724 -758.768571 36651.3912 1625.70807 1356.79816
a1 -0.59246955 2.87931869 -91.0013798 -3.92738663 -3.60847944
a 0.00035217 -0.00197877 0.0593536 0.00251846 0.00230493
as 168.079598 -9.99925439 -6141.40211 -141.574346 549.840001
a4 -257.915778 817.985898 11151.9862 210.792784 -1090.38656
as 37.8323438 -103.235783 319.997157 -31.419258 -30.0839584
36 -31.9242057 -258.958857 345.997303 50.18269 -1.1476191
ar 3.70003089 380.503236 -1752.95314 63.8403192 214.600153
as 44.4015283 215.128344 -1008.99174 -133.133672 42.8805991

Due to the very similar composition between switchgrass and the wood pellets and the fact that a
thermochemical process is carried out, it is assumed that the same yields will be achieved if switchgrass is

employed instead of the wood pellets.

The following mass balances describe the gasifier performance. The tars composition (CsHsO5) is taken
from Thunman et al.8. The gasifier is modelled using eq.(S4)-eq.(S18) including yield calculations

(computed using the correlation eq.(S3)), mass balances and some empirical parameters.

Biomass+0O, + N, + H,0 »H, +CO+CO, +CH, +N, + O, + C,H,O, + Char (S4)

MW,

fCiOUt =Yi : fcti)?omassdaf 'ﬁ Vi Z{szCOaCOZaCH4} (85)
. MW
Ychar ’ fctl)ri]omassdaf ’ W = Zn}?haf MW] Vj= {C’ H,O,N, S} (S6)

J
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out out out out

in char
fCbiomassdaf 'Cbiomassdaf = fCC02 + fCCO + fCCH4 +Nc +6- fcTars (87)

in in out out out out out out char
2-fel0 + TCiomasscar * Huiomassaar =2+ fCn, +2- fep +4- fogy +6- for +2- foy o +3- fog, +ny
(S8)

fegh o + fChmassaar - O ¢ +2- feg = fc +2- fco + fepg +no™ +2- foyy +2- fed" (S9)

biomass da

foln = e (S10)
fcln, = fe2 (S11)
FComasscit * Stiomassciar = fC.‘i“;s +ng™ (812)
FCfomasscir * Noiomass + 2+ Tox, = fepu, +2- fed +ng™ (S13)
o = fCliJri‘oma_ssdaf - nCCZhar (814)

e FCiomass ar
0.87<X_,. <098 (S15)
ncc)har :%' fcki)?omassdaf * Obiomassdaf (516)
T =3 s N 17
nter =8 e S (s18)

biomass daf
100

Where fc, is the inlet or outlet molar flow for component i, Y; is the yield of component i calculated using

the equation eq.(S3), MW, is the molecular weight for each component, X is the carbon conversion

carbon

in the gasifier and, finally, C H Opiomassdaf + Obiomassdaf * Nbiomassaar ar€ the index for each

biomassdaf ! biomassdaf !

component in the empirical formula of the switchgrass from the ultimate analysis of it presented in Table 1.
The carbon conversion is limited to the interval between 0.87 and 0.98 according to the experimental

results®é’.

The gasification agent (Air/Stream) is heated up before being fed to the gasifier. The inlet temperature is
fixed to 673 K7. The particles leaving the gasifier are removed in a cyclone with an assumed efficiency of

99.99%.
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1.1.4 Digester

The digester behaviour is described using the model proposed by Leén & Martin®. The digester operates

at 328 K. The model requires experimental data for the treated biomass. The switchgrass properties for

digestion are shown below0-13;

0.289 < V500156 (M’biogas / kg SV) < 0.441 (S19)
0.367 < Wy, ,5; (kg DM /kg) < 0.508 (S20)
0.908 < W, (kgVS / kg DM )< 0.943 (S21)
89.8<R. /56 £92.0 (S22)
0.00014 < W;\lam/SG (kg N, / kg DM) <0.00108 (S23)
0.0018 < W'NOrg ise (kg N, /kgDM)<0.0132 (S24)
0.0004 < W'F,,SG (kgP/kg DM) <0.0021 (S25)
0.0034 < W'K s (kg K/ kg DM)< 0.0222 (S26)
The heat of combustion for the switchgrass is fixed to 17.4 MJ/kg dry biomass™.
1.2 Gas Clean Up
A e
S i
A0, Cm2 O3 g ol l HX10 HX9 HX8
From T N ﬂ}—»:’;j———{ _)—»{')_?_\:,Pw‘[:\;j\,:—w;;' <p— To
Gasification Uxa Hx24 H;<5 HX6 e Refort ~ HX11
S Src1oCome ‘L[l ‘]:I—>Sr¢:23 ’
From Air
’ Sre15~  Sre13 ’
Steam
Sre11 Cmp6 Cmp5 Cmp4
B f‘w ’- ‘J‘ {|‘ i«_ “ SAi;3
. Cmpz  Cmp3 gy . & | HX1_? HX9  HX8 °
— S O] —o—{{><)—To
Digestion 1 e . ? fix7 HX11
Src10

P /
comb2(l  [Src23
t

From Air
Src15 Src13
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Figure S1: Gas Clean Up and Reformer Section: A: for gases from gasification, B: for gases from
digestion.

The gas leaving the gasifier/digester section contains particles and hydrogen sulphide as main
contaminants in the case of gasification (Figure S1-A) and only hydrogen sulphide in the case of biomass
digestion (Figure S1-B). To remove particles and other small solids contained in the stream, a filter is
used. After the filter, a train of compressors is employed to raise the pressure up to 2-3 MPa's16,
Intercooling between the compressors takes place to avoid a temperature too high between them
improving the performance and reducing energy consumption'. The compressors are modelled as

polytrophic with the following equations:

k-1
_ F-8314-k-(T,, +273.15) (h)k 1

-1|— S27
MW - (k1) P, " 820

k-1
P, 1
T, =T, +(T, +273.15) P—u ~1|= (S28)
s

T is the temperature in °C, P is the pressure in bar, 7, is the efficiency fixed to 0.85 and k is the
polytrophic index equal to 1.47.

The cooling between the compressors is modelled, as well as other heat exchanger included in this work,

using mass and energy balances:

fc" = fc™ Vi (S29)

Q= Z fc'h™ — Z fc"h" (S30)
Where fcis the molar flowrate for each component i, his the specific enthalpy per component and Q is
the heat involved in the unit. The specific enthalpy is calculated as follows:

h =AH +AH__ . +AH

i form,i sen,i latent i

(S31)
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Where AH is the heat of formation for component, AH is the latent heat for component (if it is

form,i latent i

necessary in the stream involved) and AH_,.. is the sensible heat for component. The sensible heat can

sen,i
include two terms: the liquid sensible heat and the gas sensible heat. In both cases, the sensible heat is

computed as follows:
TZ
AH, = "C, (T)dT (532)

Where C;(T)is the heat capacity. In this work, the ideal behaviour is assumed and the heat capacity for

the gases only depends on the temperature'®'®, The relation between the heat capacity and the

temperature follows the subsequent equation?:
2 3
C,(M=A+B-T+C-T°+D,-T (S33)

For the liquid, a constant value for the heat capacity is assumed.

To remove the hydrogen sulphide, the gas stream passes through a bed of ZnO. Due to low sulphur
content in biomass, it is possible to use this technology alone. A removal of 99.9% is considered?'. Only

H.S is removal according to the following reaction:

H,S+2n0 — H,0+2ZnS (S34)

A temperature of 473 K is fixed in the bed?'. The removal takes place before the reformer due to the low

sulphur tolerance of the ATR catalyst?.
1.3 Reforming

In the reforming stage, the methane and the rest of hydrocarbons are transformed into hydrogen, carbon
monoxide, carbon dioxide and water. The objective is to increase the amount of hydrogen for the

synthesis of ammonia.

Two kinds of reformers have been evaluated: Autothermal Reforming (ATR) and Steam Methane
Reforming (SMR). In the first one, air and steam are introduced in the reformer. This one operates

adiabatically and the heat necessary for the steam methane reforming reaction is supplied by the
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combustion with air of a fraction of the fed stream inside the reformer itself. The air used in the reformer is
limited by the ratio between the nitrogen and hydrogen in the ammonia synthesis loop. The SMR only
introduces steam and the heat necessary comes from the combustion with air of the outlet gases from the
PSA system (Bed 2) in a separated chamber and, if it is necessary, a fraction of the gases generated in

the gasifier/digester. In the reformer, the following reactions have been considered?3:

C.H_+nH,0 —>nCO+(n+ng2 (S35)
3H, +CO = CH,+H,0 (S36)
CO+H,0 = H,+CO, (837)

In the first reaction, all high hydrocarbons are converted completely to carbon monoxide and hydrogen.
Besides, two equilibria are involved, the decomposition of methane and the Water Gas Shift Reaction
(WGSR). The reformer is modelled as an equilibrium reactor. The equilibrium constant for the two last

reaction is taken from Roh et al.2:

) :10[—%4-13.076] _ PCO—PI-|32 S38)
° Pc:H4 PHZO
1990, 784 P.. P
Kk, :10[”” ) S (S39)

Peo PHZO

The molar ratio between oxygen and methane in the ATR lies between 0.25 and 2. In SMR and ATR, the
molar ratio between steam and methane could take a maximum value of 20%. The maximum temperature

allowed in the reformer is fixed to 1600 K.

The steam enters the reformer as saturated steam at the same pressure that the stream from the
gasifier/digester. The air is compressed from the ambient up to the same pressure that the other two inlet

streams in the reformer.

The mass and energy balances in the reformers are formulated as follows:

out out out

fedo + fogo, + fon, +nfed,, = fcgs + e + e, (540)
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2( fey o —nfed )+ 4fcg,, + 2( foy + (n + %) feg J +2feie + 21fc]y = 2fc), + 2 e + 4 e

(S41)

el o +2fcgy, +( el +nfed,, )+ 21! + feflly + feia = feily +2fcgy + fels  (S42)

foy, + foi, = fep (S43)

fc" = fc™  Vi={NH,,H,S,Char, Ash,Olivine, Ar} (S44)
ot fco .

o TGy (S45)

> fe

P = y™P Vi (546)

S R = Y (54

Where fc is the molar flow for each specie i, y*"is the outlet molar fraction for each componenti, P™is
the partial pressure in the outlet stream of the reformer, P is the total pressure and h is the enthalpy for

each component.

1.4 WGSR

Src14  Src15 Src16  Src17 )
. » f‘ 4 HX14, t A mix7
From —»«j—» —»’: >/[‘ =4 >__H < —»Aw e ﬁAH:\ >:\[ < }\ > > To
Reformer \ix11 wasr1 Hx12 wGsRz Hx13 Bed2 Metht | Hx1s Bedd Cmp11
2
Src21

Figure S2: Shift reaction and methanator section

To reach the hydrogen content required for the synthesis of ammonia, the water gas shift reaction
(WGSR) is employed (see Figure S2). With this, a reduction in the carbon monoxide concentration takes
place, another factor interesting for the operation of the ammonia catalyst (see eq.(S37)). In this study, a
two-step shift conversion is selected, one at high temperature and other at low temperature?. The first
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reactor (high temperature) has an outlet temperature in the range of 573-773 K and the second one (low
temperature) between 453 K and 533 K. Both reactors work as adiabatic. The WGSR reactors are
modelled as an equilibrium system. For this purpose, the equation eq.(S39) is used. The heat exchangers

before the reactors adapt the inlet temperature to achieve the desired outlet temperature.

The mass and energy balances for the WGS reactors are showed below:

fedy + fogo, = fe2o + fooo, (S48)
2fcl o +2fc)) =2fc), +2fc)! (S49)
fey o + fedo + fogo, = feply + fedo + 2o, (S50)
fe" = fc  Vi={CH,,NH,,N,,H,S,Char,Ash,Olivine, Ar} (S51)
yor = Ty (S52)
' Z fc
Pt = yOp i (S53)
Z feh" = Z oot o (S54)

1.5 Final Syngas Adjust

After the WGSR section, it is necessary to remove a large fraction of the following species present in the
gas: methane, carbon dioxide and carbon monoxide, this last one due to the high poisoned effect on the

ammonia catalyst and CO, because of the production of carbonates.

First, in the Bed2 (see Figure S2), carbon dioxide is removed from the gases using activated carbon?’. The
PSA is designed to separate 100% of CO,. The other species are removed with different efficiencies

according to their different adsorption kinetics (Table S4)#'. The adsorption temperature is fixed to 343 K.
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Table S4: Fraction of fed stream leaving the adsorption bed (Bed2)

Component % in the ou’FIe.t.stream (respect to
the initial amount)
H.0 0%
CO, 0%
CHy 45%
CO 75%
N, 80%
H, 97%

Due to the high sensitivity of the ammonia catalyst to carbon monoxide, it is necessary to reduce its
concentration below 10ppm. To achieve this, the most appropriate method is methanation. In this process,
the remained carbon monoxide is transformed into methane that is an inert using methanation. The
equilibrium given by eq.(S36) is used. The final temperature in the methanator is limited between 523-623
K. Temperatures over 773 K must be avoided to prevent catalyst damage and below 473 K because of the
risk of nickel carbonyl formation?. The equipment is modelled as an equilibrium and adiabatic reactor. The
equilibrium constant is taken from equation eq.(S38). The mass and energy balances for this reactor are

as follows:

fego + fog, = fodo + fogy, (S55)

2fcl o +2fc)) =2fc), +2fc! (S56)

foy o + fooo = feio + fedo (S57)

f¢" = f¢  Vi={CO,,NH;,N,,H,S,Char, Ash,Olivine, Ar} (S58)
L (559)

yl Z fciou[

PiOth — yioutP vi (860)
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3 e =3 feothe (S61)

After the methanator, the methane produced is separated using an activated carbon bed. The temperature

is adjusted to 298 K. The amounts of each component captured is shown in the Table S5%7.

Table S5: Fraction of fed stream leaving the adsorption bed (Bed3)

Component % in the outlet stream (respect to
P the initial amount)
H.0 0%
CH, 0%
€O 65%
N 80%
i 97%

1.6 Ammonia Synthesis

The compression of the inlet gas is the first step in the synthesis of ammonia (Figure 3). A multistage
compression with intercooling is selected according to the rules of thumb'’. The final pressure is limited
within the range from 125 to 350 bar. After the compression, the inlet gases are fed to the synthesis loop.
First at all, the inlet gases are mixed with the recycled gases in a mixer. At the outlet of this equipment, the

ratio between hydrogen and nitrogen is limited in the interval of 3-3.2.

The reaction to synthetize the ammonia is shown below:

N, +3H, = 2NH, (S62)

Two reactor designs have been considered: multibed reactor with direct cooling and multibed reactor with
indirect cooling. The tubular design is not considered in this study because its use is limited to small scale
production?. Here, only a summary of the modelling is described. The complete modelling of the ammonia

reactor is found in Sanchez and Martin®. A three-bed reactor is used in both configurations.

Direct Cooling. In this reactor (Figure 3-A), the cooling between the beds, necessary to increase the
conversion because of the tight equilibrium, takes places using a fraction of the fed stream. After mixing

with the unreacted gases, the inlet stream is split in three fractions, one to each reactor bed. The inlet
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temperatures are around 673 K for each bed and final temperatures are limited in the range of 733-823 K.
A detailed model accounting for mass and energy balances, mass transfer, kinetic expressions, pressure
drop, etc. is solved in MATLAB to provide bounds for the mass and energy balances used in the flowsheet
optimization. Before mixing the fresh syngas with the gases leaving the reactor beds, each fraction of the

inlet stream could be heated up using the outlet stream from the final bed.

Indirect Cooling. For this configuration (Figure 3-B), the cooling in the multibed reactor is carried out
using external heat exchangers. The total flow passes through every bed. Due to the high temperature in
the gases leaving the reactor beds, it is possible to generate steam. As in the previous reactor, a detailed

model is used to set up the bounds for the optimization problem.

Ammonia is recovered by condensation after the reactor. A two stage cooling is carried out: A first step
with water as cooling agent. The second one uses a refrigerant. In both cases, to determine the liquid
fraction, a surrogate model is developed taking into account the main operating conditions involved (final

pressure and temperature).
In the cooling with water, the recovery yield to ammonia is given by:

P(mmHg)

P, =0.025860989+0.001428067- (S63)

In the second step with a refrigerant, the yields of each component follow these expressions:

P (mmH
v, = 2.063269676-+0.000163965 " 19) 0004008150 T(K) (564
P(mmH
oy, =-0.005616112+4.076910°° -% +2.2846810° T (K) (S69)
P(mmH
oy, =~0.008053425+9,0875810°¢ % +3.4997910° T (K) (566)

In the gas stream leaving the gas-liquid separator, a purge is allowed to avoid impurities built-up. In the
purge, a membrane to recover, mainly, hydrogen is installed because of the high value of this product.

This membrane recovers 85% of hydrogen present in the initial stream and 10% of the other gases2%:%0.
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2. Cost Estimation Procedure

Using the results from the optimization, capital and operating costs have been estimated. The procedure
for the estimation of the capital cost is based on the factorial methot?. To estimate the cost of equipment,
the correlations presented in Almena and Martin3! have been employed. To evaluate the investment cost
for the gasifier, the modified six-tenth rule is used (see Table S6). For the air/steam direct gasifier, it is

assumed that the cost can be estimated with the same data as the oxygen/steam direct gasifier.

Table S6: Parameters to estimate the gasifier capital cost32

Technology Base Cost (MM$) | Base Size (t dry biomass/h) | Scale factor
Indirect gasifier 16.3 68.8 0.65
O/Steam direct gasifier 384 68.8 0.7

For the digester, an organic loading rate of 15 kg VS/m? d is fixed3? and an estimated cost of 365 €/m3 3435,

A normalized digester size of 6000 m3 has been considered34.

To estimate the investment cost of the reactors, the gas hourly space velocity (GHSV), the catalyst cost
and the annual replacement are provided. With the GHSV, it is possible to calculate the volume of the
reactor and, therefore, the catalyst amount. In Table S7, the value of these parameters for the following
reactors is presented: ATR, SMR, WGSR and methanation reactor. The capital cost for the ammonia

reactor is computed using the six-tenth rule.

Table S7: Data for estimating reactors capital cost.

GHSV (h) Cata(‘gig)COSt Reszggﬂen t Source
ATR 1780 10.3 25% (37)
SMR 5000 25 15% (22)
WGSR 4000 22.3 50% (38)
Methanation 8000 21 0% (39)
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For the adsorption bed, the estimation procedure is the same as in the previous reactors. For the ZnO
bed, a GHSV of 10260 h-' is assumed“. The cost is fixed equal to 355 $/ft3 3 with an annual replacement.

For the activated carbon beds, it is assumed an adsorbent price of 1 $/Ib4.

For the production cost, the method proposed by Sinnott?® is employed. In this methodology, the
production cost is computed as the sum of two terms: the variable and the fixed costs. In the variable
costs, raw materials are included. The cost for the raw materials has been presented in the previous
section. In the utilities item, the utilities cost has been computed following the same prices that in the

objective function.

The fixed cost items include labour, amortization, insurances, taxes, maintenance and other items. The
labour costs are computed using the correlation proposed by Couper et al.*2. A summary table (Table S8)

with the method to calculate the operating cost is presented.

Table S8: Summary of the operating cost calculations2

Variable Costs

Raw materials from flowsheet optimization
Miscellaneous materials 10% of Maintenance
Utilities from flowsheet optimization
Fixed Costs
Maintenance 5% of fixed capital
Catalyst from previous estimation (Table S7)
Labour Estimated from correlations
Laboratory 20% of Labour
Supervision 20% of Labour
Plant Overheads 50% of Labour
Capital charges 10% of fixed capital
Insurance 1% of fixed capital
Taxes 2% of fixed capital

3. Nomenclature

a,b,c Coefficients for the indirect gasifier correlation (eq.(S1))

a, , Coefficients for the Air/Steam direct gasifier correlation (eq.(S3))
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A,B,C,D,E Coefficients for the O./Steam direct gasifier correlation (eq.(S2))

C,H,O,S,N Index in the switchgrass empirical formula

biomass daf
C, i Heat capacity per component (kd/kmol-K)

ER Equivalent Ratio

f, Variables for the O./Steam direct gasifier correlation (eq.(S2))
fc, Molar flow for component i (kmol/s)

h, Specific enthalpy per component i (kJ/kmol)

k, Equilibrium constant

k Polytrophic index

MW, Molecular weight for component | (kg/kmol)
nj?“a' Molar amount of component j in the char

OP Oxygen Percentage of the enriched air
P Pressure (bar)

Q Heat (kW)

P Partial pressure of component i (bar)

R._n/s6 Carbon to nitrogen ratio in the switchgrass (SG)

S /B Steam to Biomass Ratio

T Temperature (K)

W Compressor power

Viiogasise Biogas volume produced per mass unit of volatile solids (VS) in switchgrass (SG) (m3/kg)
Wy se Dry mass (DM) fraction in the switchgrass (SG) (kg/kg)

W5 Fraction of volatile solid (VS) with respect to dry mass of switchgrass (SG) (kg/kg)

Wiorgrse Norg fraction in the dry mass of switchgrass (SG) (kg/kg)

W,se Nam fraction in the dry mass of switchgrass (SG) (kg/kg)
W, P fraction in the dry mass of switchgrass (SG) (kg/kg)

W, s K fraction in the dry mass of switchgrass (SG) (kg/kg)

X Variables for the indirect gasifier correlation (eq.(S1))
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X earbon CArbon conversion in the gasifier

Y, Yield in the Air/Steam direct gasifier (g/kg)
y; Molar fraction of component i

n, Compressor efficiency

Bun, Ammonia separation yield in the first heat exchanger HX21

o; Separation yield for each component in the heat exchanger HX22

AH .; Heat of formation for component (kJ/kmol)
AH,...; Latent heat for component (kJ/kmol)
AH_,.; Sensible heat for component (kJ/kmol)
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