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ABSTRACT

The use of CO, towards the production of chemicals can help in the decarbonization of
industry, but the transformation of such a stable compound is a challenge. This work uses
genetic algorithms for the design of multi bed reactors for the hydrogenation of CO, towards
handy products. Two cases of study were evaluated. The production of biomethane from
biogas, where the presence of methane in the feedstock represents an additional challenge
to achieve a high conversion, and the production of methanol. The optimization addressed
the design, bed sizing and number of beds, and the operating conditions of the feedstock,
composition, and temperature profile. The optimal configuration of the biomethanation
reactor consists of 2 beds using a H, to CO; ratio of 2.75, operating at 15 atm, limiting the
AT at each bed to 100 K. A lower number of beds is required if a larger ATmax is allowed,
improving the reactor conversion. The methanol production reactor is recommended to
consist of 6 beds operating at 50 atm, with a feed ratio H, to CO; of 3.5, requiring less
catalyst than at higher pressure.

© 2022 The Author(s). Published by Elsevier Ltd on behalf of Institution of Chemical
Engineers. This is an open access article under the CC BY-NC-ND license (http://

creativecommons.org/licenses/by-nc-nd/4.0/).

1. Introduction

Waste generation in the form of organic residues and gaseous emis-
sions such as CO, are some of the more important concerns of our
society (WEC, 2016). The concept of circular economy has provided a
strategy towards the valorisation of waste by producing energy, fuels,
and chemicals (Korhonen et al., 2018). CO, is generated in power plants,
concrete facilities as well as in biomass gasification into chemical
and fuels. It is a very stable chemical whose further use to produce
chemicals (Uebbing et al., 2020) has been presented as an opportunity
within the carbon capture and utilization paradigm (Cuéllar-Franca
and Azapagic, 2015). In addition, following the circular economy trend,
anaerobic digestion has been deemed as a major technology to process
organic waste (Gunaseelan, 1997), generating a digestate rich in nutri-
ents that can be further recovered for its use as fertilizers (Martin et al.,
2018), and biogas, a mixture consisting mainly of methane and CO,. The
volume of waste produced can allow the substitution of the natural gas
by that obtained from biogas in many regions. Despite the large invest-
ment required to build the processing facilities (Taifouris and Martin,
2018), as long as biogas is upgraded to natural gas composition, the
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shipping infrastructure is already available. Therefore, biogas is not
only a source of methane, but also of CO, that is an additional carbon
source to produce chemicals (Hernandez and Martin, 2016), in partic-
ular methane (Davis and Martin, 2014a) or methanol (Kiss et al., 2016).
The target of net zero CO, emissions can be achievable by reusing it.
Recent studies show that it can become competitive to produce chemi-
cals and fuels from CO; hydrogenation if the wind farm (de la Cruz and
Martin, 2016) and/or the solar field are installed in regions with high
renewable resource (Davis and Martin, 2014b).

The core stage in the transformation of biogas into biomethane,
as well as in the production of methanol from CO,, is its hydrogena-
tion towards each of the products. Even though the methanation of
the CO, within the biogas can be carried out within the digester, as it
has been presented in the literature (Tynjala, 2015) and demonstrated
at small scale (Witte et al., 2010), the catalytic hydrogenation of CO,
is preferred. This alternative has already been tested at the level of
proof of concept (Kirchbacher et al., 2016), and it is similar to the pro-
duction of methanol in industry nowadays (Martin, 2016a). In the case
of the methanation of biogas, the presence of methane already in the
feedstock affects the yield and operation of a reaction that is governed
by chemical equilibrium. Recently, some experimental studies have
presented hydrogenation as a biogas upgrading alternative instead of
capturing and removing the CO, from the mixture (Stangeland et al.,
2017). According to this last work, further catalyst development is

0263-8762/© 2022 The Author(s). Published by Elsevier Ltd on behalf of Institution of Chemical Engineers. This is an open access article
under the CC BY-NC-ND license (http://creativecommons.org/licenses/by-nc-nd/4.0/).
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Nomenclature

a Hydrogen feed ratio

A Area (m?)

b Feed ratio

Ci Cost (€/kg) of species i

Cat Catalyst cost (€)

Cp Heat capacity (kj/kg K)

d Feed ratio

Dc Vessel internal diameter (m)

Dp Particle diameter (m)

e Thickness (in)

ECannual  Equipment cost annualized (€/yr)
F; Molar flow rate of component i (kmol/s)
G Mass flow

HX Heat Exchanger

k; Kinetic constant

Kp1 Equilibrium constant

Ki Adsorption constant of species i
L Vessel Length (m)

P Total pressure (atm/kPa)

P; Partial pressure of species i (kPa)
pi Partial pressure of species i (bar)
I; Reaction rate of species i

R Vessel radius (m)

S Material tension (psi)

T Temperature (K) unless otherwise specified
U Global heat transfer coefficient (W/m? °C)
w Electrical energy (kW)

Wi Weight of element i (kg)

z Polytropic coefficient

z Objective function (€/s)

Symbols

B Center’s constants

n reaction efficiency

0 Surface coverage

AHg Formation enthalpy (kJ/kg)

& Porosity

m Viscosity

P Density

Pb bed density

b Shape factor (Ergun equation)

) Total amount of oxidised centres
Subindex

Annual Annualized variable
Prod Products

Wa Water

Steel Steel

required, but the evaluation of various reactors is already in progress
(Schidhauer and Biollaz, 2015). The literature is rich in studies evalu-
ating the hydrogenation of CO,. To produce biomethane, its kinetics
(Bader et al., 2011; Falbo et al., 2018), thermodynamics (Sahebdelfar
and Ravanchi, 2015), one bed reactor modelling (Materazzi et al., 2017),
including industrial scale operation (Dannesboe et al., 2020), and the
analysis of the operation (Schidhauer and Biollaz, 2015) have been eval-
uated. The work on the production of methanol from the hydrogenation
of CO; is also extensive in the literature, performing sensitivity studies
of the operating conditions considering one single bed (Kiss et al., 2016;
Milani et al., 2015), comparing different kinetic models (Meyer et al.,
2016), considering the use of renewable resources (Seidel et al., 2018),

and modelling the reactor considering one single catalytic bed (Rafiee,
2020). Similarly, the analysis of the entire processes for the hydrogena-
tion of CO, towards biomethane and methanol has also been carried
out to evaluate the economics. The production of biomethane has been
addressed using a simulation approach to produce biomethane from
biosyngas (Gassner and Marechal, 2009), or a mathematical optimiza-
tion one to evaluate the methanation of CO, using renewable hydrogen
(Gassner and Marechal, 2009). The methanol production process has
also been studied and analyzed from different perspectives, includ-
ing simulation and optimization-based approaches. The simulation
approach uses ASPEN as platform, evaluating the CO, capture from
a coal power plant (Van-Dal and Bouallou, 2013), and comparing dif-
ferent configurations of the process, either direct hydrogenation or the
reduction of CO, to CO and the hydrogenation of the CO in a second
stage (Anicic et al., 2014). A more detailed kinetics is also included in the
work by Kiss et al. (2016). The optimization-based line of work follows
either a simulation-based procedure or a mathematical optimization
approach. The first of the two is used in several works, presenting a
sensitivity analysis of the process using CHEMCAD to perform a techno-
economic analysis, evaluating the effect of the raw material prices
(Pérez-Fortes et al., 2016), as well as the use a surface of response sur-
rogate model to optimize the performance of the process (Borisut and
Nuchitprasittichai, 2019). Alternatively, the mathematical based one
evaluates the variability of renewable resources presenting a two-stage
approach to include uncertainty in process design (Martin, 2016b).

However, the analysis of such reactors has been limited to the
design of the particles (Zimmermann et al., 2020), the evaluation of the
safety operation (Fache et al., 2018), kinetic studies (Kiss et al., 2016;
Milani et al., 2015) or the optimization of the pellet layers (Hwang and
Smith, 2008; Schaaf et al., 2014). The simultaneous design of multibed
units and the optimization of the operating conditions with detailed
kinetics, has notbeen addressed. These units consist of a discrete num-
ber of beds due to the heat transfer limitations and the high exothermic
reactions involved. The complex kinetics poses an additional challenge
for the analysis, design, and optimization. Only for the case of ammo-
nia, the reactor characteristics were optimized in a two-stage approach,
but the number and features of the beds used in the reactor were not
optimized (Sanchez and Martin, 2018). Current projects on CO, metha-
nation are discussed in a recent review (Ronsch et al., 2016).

In this work genetic algorithms are used for the design and selec-
tion of the optimal operating conditions of multibed reactors for the
use of CO; to produce fuels and chemicals. Two cases of study are eval-
uated, the production of biomethane via biogas methanation and the
production of methanol from CO, hydrogenation. The number of beds,
the bed length and the operating conditions are variables towards an
optimal design of such units. The rest of the paper is structured as
follows. Section 2 shows the details of the modelling of the reactors.
Section 3 presents the results of the features and the operation of the
reactors. Finally, some remarks are presented in section 4.

2. Reactor modelling

This section is divided to present the modelling features of
each of the two cases under evaluation, the methanation
reactor using biogas as raw material and the production of
methanol from CO; hydrogenation. The reactors are multi-bed
ones with intercooling. The model for a bed is described in this
section. After that, the gas is cooled down to the inlet tempera-
ture and fed to another bed. The cooldown step is carried out in
an external heat exchanger using water as cooling agent. The
number of beds and the operating conditions including feed
pressures and temperatures to the beds and the feed compo-
sition will be determined in the optimization. The models are
presented using the original units from the references. How-
ever, the results on the paper are homogenized. The kinetic
models were experimentally validated at the source, see cited
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references, and are assumed to be valid within the range of
operation.

2.1. Single bed model for the methanation stage

The methanation stage is a mature technology that has been
studied over the years (Davies and Lihou, 1971). However, the
main challenge in the methanation of biogas is the presence
of a large amount of methane in the purified biogas stream,
which determines the need for an excess of hydrogen and the
selection of the proper lengths and number of beds to drive the
equilibrium to products. The high cost of renewable hydrogen
defines this section. Two main reactions govern the metha-
nation of COy, the methanation itself, eq. (1), and the reverse
water gas shift reaction, eq. (2). eq. (3) describes the hydro-
genation of the CO; but is linearly dependent of the other
two.

CO+3H = CHg + H,0 (1)
COz(g) + Hz(g) = CO + HzO(g) 2
COy+4H; = CH4+2H,0 (3)

The kinetics of each reaction is given as follows, eq. (4), in
kmol/kg cat - h (Xu and Froment, 1989).

ky Py, -Pco 1
rm=— I[P .P 72
I P12-125 ( cHy - PHy0 K DEN?

Py, - Pco, ) 1

ks
K> DEN? @

=5 (Pco Pr,0 —
Hy

P, -Pco, ) 1

k3 9
rm=—= | P -P -
I P}g{ 5 ( CHs * PH,0 K K, DENZ

Where variable DEN is defined by eq. (5) as a function of
adsorption constants, K;j, and the partial pressures, P;, of the
different species:

Ku,0 - Pr,0

DEN =1 +Kco -Pco +Kn, - Py, +Kcn, - Pen, + P
Hy

()

The kinetic constants, ki, are given by eq. (6) for each of the
reactions:

(_@ ol . kPad-5
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and the adsorption constants, Kj, for each component j, are as
follows, eq. (7):

(4604.28)
Keu, =6.65-10 %\ T J[—Jkpa-1
( 10666.35)
Kn,0 = 1.77-10% T [=]kPa~!
7)
(9971.13)
Kn, =6.12-10" e\ T /|=]kPa-?
(8497.71)
Keo=823.107e\ T [=]kPa1

Finally, the equilibrium constants, Ki, can be computed
using the following expressions (Davies and Lihou, 1971):

(7@ +3011)
K1 = 10266.76e T [=]kPa2
44
(ﬂ - 4‘063) ®)
K2 =e T

K3 =Kj- Kz[:]kPa2

The partial pressures of each of the species are computed
from the molar flows as in eq. (9):

P =

L opy ©)
F;

>

The reaction does not go as far as the equilibrium, and the
efficiency is a function of the length of the bed. The effectivity
factors are defined by eq. (10):

r
= actual (10)

Tatsurface

Where empirical correlations were developed for each of the
reference species as follows Vara (2000), eq. (11)

ncH, = a1+ b1Z + C122 + d]_Z?’ + 2124 +f125 ( )
11
nco, = a2 + boZ + C222 + d223 + 2224 +f225

Table 1 shows the coefficients of eq. (11).
Thus, the kinetics for all the species can be written as eq.
(12)

% 2 =T1co, = Phed * Across - (1 + 1) o,

dFy,
dz

dF,
dgo =T1C0 = Phed - Across - (1 — ) - nco, (12)

=TH, = Pped - Across - (311 + 111 + 47m1) - nco,

dFy,0
TZZ =TH,0 = —Phed - Across - (1 + T + 211m1) - 1cH,

iz 2 =TcH, = —Pbed - Across - (I + Tmr) - nen,
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Table 1 - Coefficients for kinetic rate efficiency.

MCH4

Z (m) al b1 cl d1 el f1

0-0.2 3.40271.10-%2 1.50706-10~%% —1.43056-10-0% 8.95366-10-%1 —3.91470 6.22014

0.2-2 3.46465.10702 2.78045.10703 —5.60737-107%3 4.59855.10-%3 —1.80038-10-%3 2.73842.10~%
2-12 3.53026-10-%2 —5.63342.10-% 1.04288.10-%* —1.07611-10-% 5.56779-10~%7 —1.10707-10-%8
nco2

Z (m) al b1 cl d1 el f1

0-0.2 3.41762.107%2 1.91920-10-92 —2.71999-10-0% 2.16797 —8.65165 1.35279

0.2-2 3.46135.1092 2.58231.10703 4.80816-10-%3 3.77979.10-03 —1.43009-10-%3 2.11362.10-%
2-11 3.53703.10-%2 —5.80316-10%4 1.53452.10-% —2.36097-10-% 1.85678-10-%¢ —5.62914.10-%8

T Products

= Cooling

Catalytic bed

[ Bed Support
= Cooling

Catalytic bed

> Bed Support
= Cooling

Catalytic bed

Bed Support

T‘ Feed Gas

Fig. 1 - Scheme of the methanation reactor.

The energy balance is formulated as eq. (13):

T

Z(—ﬁ) AHRJ‘(TR)-F/AdeT
ZTZZ : L (13)

n
Fao Z@)iCpi +xACp

i=1

And the pressure drop is computed following Ergun’s equa-
tion, eq. (14):

j—z =- C;SD;;) {150(]1); M | 17506 %%%
ZPiOMi
G=—a— (1)
Ac = nD?%4
W= PbAcZ
n =~ cte

The catalytic bed is made of Haldor Tops@e Ni/Mg Al,04
Spinel with a particle diameter of 0.025 m, a particle density
of 2355.2 kg/m3, a bed density of 1507.3 kg/m?, and a porosity
(¢) of 0.368. It typically operates around 580 K and a pressure
of 15 atm. Fig. 1 shows the scheme of a multibed reactor for
the methanation of biogas.

2.2.  Single bed model for the production of methanol

In the reactor three typical reactions take place simulta-
neously, the hydrogenation of the CO; to methanol, the
hydrogenation of CO and the “Reverse Water Gas Shift” (RWGS)
(Davies and Lihou, 1971):

CO+2H2 = CH30H
COQ(g)+3H2(g) = CH30H + HQO(g) (15)

CO3 + Hy 2 CO+H;0

The kinetics of each one of the reactions can be computed
following a simplified Langmuir-Hinshelwood model (Seidel
et al., 2018). The catalyst is Cu/Zn0O/Al,03 and for it the rates,
1, are given by eq. (16) as a function of the partial pressures
of the species, p;, the surface coverage, 6, and the oxidized
centres, ¢:

DPcH;0H

rco = (1 - ¢) k1 -pco - Pd, (1_ <K110c0102)> "
P FHy

12 2 " FH,

B PcoPH,0 .
. PPN 1 [ FCOPH0 ) ) pe2g
rwes = ¢ (1 —9) 3-Dco, < (Kp3pc02 ‘PH2>>



CHEMICAL ENGINEERING RESEARCH AND DESIGN 181 (2022) 89-100

93

Where ¢ represents the total amount of oxidised centres and
1- ¢ the number of reduced centres computed as follows:

PcoPH,
1 KK, (Pc02 ‘PHy0 )

PcoPH,
1+ \/ KK, (Pco2 'pHZO)

The equilibrium constants K; and K, are given by eq. (18):

$=05]1-

Ki =e RT
18
AGy = 11.348ﬂ (18)
mol
AGy = 7.693£
mol

and the kinetic constants, k for each one of the reactions i are
given by eq. (19), (Seidel et al., 2018):

523.15
-1
)
523.15
-1
)

523.15
(75A7239+23,44744( T - 1))

(—4.7636+26A1883 (
kl =e

(—3A4112+3A4470( (19)

k2=e

k3=e

In addition, the equilibrium constants, Kp, are computed
using the correlations presented in eq. (20), (Panahietal., 2012;
Graaf et al., 1986):

3139 _oen
Kpp=10 T
3066
—— —10.592
Kpp=10 T (20
207 42029
Kpp=10 T

Variables 6, 6% and 6* correspond to the surface coverage
of the catalyst as follows, eq. (21):

-1
0 = (1 + B11-Pco + B12 - PcH;0H + P14 -PCOQ)

0 = (L4 7 yPr;) 1)

bu,0
2
7

—1
+ B13 - Pco, + Bs - PchzoH + Po 'pHQO)
Hy

0" = (1 + BoB1o

Where p; represents the partial pressure of each one of the
species. It is assumed that the fugacity coefficients are close
to 1. Table 2 shows the values for the g constants.

The pressure drop across the bed is computed using Ergun’s
equation as in the previous case where the values for the catal-
ysis of the production of methanol are given in Table 3.

Table 2 - Values of the 8 constants (Seidel et al., 2018).

Constant Value Units
By 1.1665 [bammes
Bsg 0 bar?!
By 0.0297 bar!
B1o 1600 bar?!
B11 0.147 _

B12 0 bar?!
B13 0.04712 bar—!
B1a 0 bar!
Table 3 - Characteristics of the catalyst for methanol
production (Liicking, 2017).

Symbol Parameters Value Units

e Porosity 0.285 -

n Viscosity Variable Pa-s

p Density Variable kg/m?
o Shape factor 0.77 -

Dp Particle diameter 0.0054 m

GG Superficial mass flow Variable kg/m? s

Note that in this case the kinetics is given by the catalyst
weight. Therefore, Ergun’s equation is written as follows, eq.
(22):

dp G 150(1 — &)u ( Pa )
T +1.752G 22
aw Atubepbpo(¢on)83 $oDp :| kgcat (22)

Where Aupe is the cross-sectional area of the reactor and
pp the apparent density of the catalyst, 1190 kg/m? (Liicking,
2017). The energy balance to the reactor bed is also reformu-
lated as a function of the weight of catalysis (Fogler, 2001):

T
D (1) | AHg(TR) + / ACpdT
ar T
aw —

n
Fao Z@iCpi +XxACp

i=1

where 1; is the kinetic rate of reaction i, AH, its enthalpy of
reaction, F; the molar Flow of species i and Cy, its heat capacity.
The species balances are presented below, eq. (24):

dFco

—_ = —TI I

aw co + IRwGs

dFu _ 2.1c0-3-1 s

qw — 2'Tco-3:Tco, — TRwGs

dFcH,0n

3 T, 24
aw co +Ico, (24)
dV\2/ =Tco, + IRWGS

dFCOz - _y

qw_ — Tco, — TRwGs

2.3. Optimization procedure

The design of each of the reactors involves the selection of
integer variables such as the number of beds, together with
continuous variables related to the length or weight of each of
the beds as well as the inlet temperature, pressure, and feed-
stock composition. A two-stage design procedure is followed.
The effect of the pressure is analysed first by a sensitivity
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analysis. In a second stage the reactor configuration and the
operating conditions of the beds are obtained. As presented
above, the complex kinetics involved in the reactions include
highly nonlinear terms, while the optimization of the number
of beds requires using integer decision variables. To ensure
that a global minimum is found and to deal with the integer
variables, a genetic algorithm approach for the mathematical
optimization is proposed. In particular, the “ga” function in
MATLAB has been selected for the task because of its capa-
bilities for solving these kinds of problems by generating a
population of solutions, scoring them, selecting the best per-
forming individuals, and generating the next population by a
crossover and mutation procedure. This function is used to
optimize the operation of reactors that are involved in previ-
ous processes studied by Curto and Martin (2019) and Martin
(2016b).

The objective function used in the genetic algorithm opti-
mization represents the difference between the profit derived
from selling the products and the annualized costs of equip-
ment, cooling water, hydrogen fed and compression costs, eq.
(25)

Z = Cprog 'fprod —Cw 'fWa — ECanual — CHz 'fHQ - cCompression ’ W(25)

Where the annualized cost of equipment is evaluated includ-
ing the heat exchangers (HX), the shell (Shell) and the catalyst
bed (Cat) as follows:

1
ECanual = 3 (CHx + Cspen + Ccat) (26)

The heat exchanger cost is taken from Almena and Martin
(2016) as a function of the area, A, that is computed using the
design equation for heat exchangers, eq. (27):

Q=U-A -LMTD (27)

With the global heat transfer coefficient, U, equal to 200
(W/m? °C) (Brannan, 2002), and the logarithmic mean temper-
ature difference, LMTD

A < 25m? : HX = 39.59- (A(m2))"**"

HX ¢ 25 < A < 140m? : HX = 1593.8(A(m?)) + 2584.2 (28)

A > 140m? : HX = 22.234 - (A(m2))>*¥"*

The shell is assumed to be a vessel whose cost is assumed
to be given by egs. (29)-(30), Almena and Martin (2016):

Shell = Wpep - Csteel (29)

Wshell = Psteel (ﬂ {(ch +e)2 - (ch)z} L
e (3+9-(3)) 0

Where Cgee) represents the cost of stainless steel and has a
value of 2.4 €/kg (MEPS, 2020), psteel, the density of stainless
steel is 7850 kg/m3, D, is the inner diameter of the cylinder

and e is the thickness of the shell walls, which is calculated as
follows:

. P-R
=506 p 1)
Where S has a value of 21,000 psi and E, a value of 0.9. P is the
operating pressure in psi.

The cooling water cost has a value of 2 €/m? (INE, 2006).

The methanol catalyst costs 113.2 €/kg (ALFA AESAR, 2020)
while the methane catalyst costs 500 €/kg (E1-Sibai, 2019). Two
prices for hydrogen are used, 0 €/kg and 4 €/kg, to present
the range of prices up to the one of renewable based hydro-
gen (www.spglobal.com). The compression costs are included
considering an electricity cost of 0.08 €/kWh (REE, 2020).

Two reactors are evaluated, first the biomethanation reac-
tor where the CO, within the biogas is hydrogenated using
renewable hydrogen. In this case, the feed ratio is given by eq.
(32).

Hy

b=cor

(32)

And the range of the operating variables considered is b
from 0.5 to 5, total pressure of 15 atm or 20 atm, with each
reactor bed length limited by an upper bound of 0.3 m and up
to 6 beds are considered. Different maximum temperatures
after each bed are considered, 700 K, 750 K and 800 K.

In the case of the production of methanol, two different
feed ratios are defined by eq. (33):

a=g2
(33)
de H; — CO,
~ CO-CO,

Where the range of values for a is from 1.5 to 3, d ranges from
1.5 to 2.5. The operating pressures of 50 and 100 atm are eval-
uated and up to 8 beds. To produce methanol, only CO, and H,
are eventually fed, and d ratio becomes b defined by eq. (32).

3. Results

The presentation of the results separates both cases of study.
First, the results of the design of the biogas methanation reac-
tor are presented. Next, the methanol production unit results
are shown and discussed.

3.1. Biomethane reactor

The feed to the reactor is at 600 K (Martin, 2016a) while the
biogas composition (CO,:46.01; Hy: 365.4; CHg: 103.725 kmol/h)
is taken from the literature (Martin et al., 2018) where a facillty
to process 10 kg/s of waste at industrial scale was considered.
The first stage evaluates the effect of the operating pressure,
considering the typical upper limit from the literature (Falbo
et al., 2018; Schlereth and Hinrchsen, 2014). Fig. 2 shows that
the feed pressure has a negligible effect on the profit. Apart
from the effect of the pressure, the larger the hydrogen ratio
in the feed, the larger the production of methane that is to be
expected. The cost of hydrogen and its renewable production
is the main limitation.

Since the effect of the pressure is small, the lowest value, 15
atm, is selected. Next, the design of the reactor configuration,
number of beds, and operating variables, feed temperature
and gas composition, beds lengths, as well as the maximum
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- 108 AT across each bed (ATmax), are optimized. Two prices of hyro-
gen are evaluated, 0 €/kg and 4 €/kg.

3l The best reactor configuration depends on the hydrogen

L costand the maximun AT allowed across a single bed. Reason-

257 , - able values for that ATmax are assumed to be 100 K, 150 K and

T Ll - } 200 K. For these three values, Fig. 3 shows the optimal profile

% - of the different species along the beds. As the ATmax allowed

o 15F F i is larger, the number of beds required decreases abruptly. For

§’ / hydrogen at no cost, the number of beds goes from 5, for

IR / ATmax equal to 100 K, to 2 in the rest of the cases. Previ-

. ous studies used three beds (Mancusi et al., 2021) or five beds

(Tripodi et al., 2020) with no previous methane in the feedstock

ol which allowed high conversions of hydrogen. Four beds were

used at lab scale to hydrogenate biogas reaching 90% conver-

‘°~51 1‘5 . 2‘5 3 3‘5 e 4‘5 5 sion of CO; using a b ratio equal to 4 but no results where

b reported on temperature profiles across each bed (Gaikwad
et al., 2020). Another interesting insight is that the number
of beds is smaller for a higher cost of hydrogen, 4 €/kg, the
one corresponding to renewable hydrogen. Thus, the number
of beds is 2 for ATmax equal to 100 K, only one bed is recom-
mended in the other two cases. In addition, the feed ratio b,

Fig. 2 - Effect of the pressure on the profit.
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representing the mount of hydrogen fed to the system, is not
recommended to reach the upper bound but in the case of
free hydrogen and the higher value of ATmax, 200 K. For the
case of hydrogen at 4 €/kg, b takes values around half the
ones compared to the ones obtained a zero cost, from 2.75
to 2, instead of values around 5-4.5, as the ATnax across the
bed increases from 100 K to 200 K. The conversion across the
reactor increases with ATmax, as expected. For lower ATmax
allowed across the catalytic bed, the conversion increases step
by step as the fluid advances from one bed to the next. How-
ever, as ATmax is allowed to be equal to or above 150 K, most
of the coversion is achieved in the second bed. Fig. 4 shows
the temperature profile along the different reactor beds. When
the solution shows more than 1 bed, AT across the first bed is
always below 100 K, even if it is allowed to be larger, justifying
the larger conversion achieved from the second bed onwards.
To avoid hot spots ATmax equal to 100 K is considered as the
best case. It is reported in the literature that in 20 cm the tem-
perature is peaked (Dannesboe et al., 2020) showing similar
bed lengths as the ones presented in Fig. 3. In addition, the b
ratios recommended in the same work are closer to the ones
found when hdyrogen can be obtained for free, as well as the

ones presented in Falbo et al. (2018), which shows the impor-
tance of the optimization to select the operating conditions.

3.2. Methanol reactor

In the production of methanol there is an entire trend towards
working at pressures around 50 atm, known as LTMEOH
(Martin, 2016a; Kiss et al., 2016), due to the high cost derived
from operating at higher pressure. The analysis and optimiza-
tion of the methanol synthesis reactor is carried out following
a two-stage procedure. In the first stage, the pressure and the
two feed ratios are evaluated, and the results are presented
for several scenarios. Next, with the pressure, and a feed con-
sisting of Hy and CO,, the reactor configuration and operating
conditions are optimized.

Fig. 5 shows the results of the first stage, presenting
the effect of the feed composition and the pressure in the
profit. If the compression cost of the feed is not considered,
it is preferable to operate at 100 atm, like the results pre-
sented by Kiss et al. (2016), and low values of ratio a are
suggested, while the effect of the feed ratio defined by b
is small. The difference in earnings per year between both
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cases is in the order of 200.000 €/year. Taking into account The length of the bed required is shorter the larger the con-
the cost of compression for a 100 kmol/h stream, consid- centration of hydrogen in the feed and the lower the operating
ering an electricity cost of 0.08 €/kWh, plus the cost of a pressure. An example for the first bed is presented in Fig. 6.
higher pressure equipment in the plant, the operating cost The total mass of catalyst used is similar for both pressures, it
goes up to 10° €/year, so that the improvement in the yield to decreases with the concentration of H, and it is barely affected
methanol due to the higher pressures does not mitigate the by b ratio. The feed ratios b and a turned out to be 2.5 and 1.75
additional costs. respectively under any pressure.



98

CHEMICAL ENGINEERING RESEARCH AND DESIGN 181 (2022) 89-100

a) St 6 beds, b=3.5, P=50 atm
490
480
< 7
470 |
5
g
kol
£ 460
@ I
ks
I j I
450
440
430
0 100 200 300 400 500 600 700
Catalyst weight (kg)
c) 510 6 beds, b=3.5, P=100 atm

500

Temperature (K)
IS IS
2 ©
3 S

I
3
S

460 |

450

0 50 100 150 200 250

Catalyst weight (kg)

300 350 400

b)

6 beds, b=3.5, P=50 atm
510

500

490

Temperature (K)
IS PO
& & &
3 s 3

A
a
S

440

430

400 600 800

Catalyst weight (kg)

1000 1200 1400

d)

6 beds, b=3.5, P=100 atm
530

520

510

500

N
©
=3

Temperature (K)
PO
H & X &
g 8 & 8

IS
I
S

IS
@
S

0 200 400 600 800 1000

Catalyst weight (kg)

1200 1400 1600

Fig. 8 - Temperature profiles along the reactor beds for methanol production. a) 4 €/kg Cost, 50 atm; b) 0 €/kg, Cost 50 atm;

d) 4 €/kg, 100 atm d) 0 €/kg, 100 atm.

To produce methanol from CO, hydrogenation, the operat-
ing conditions are optimized for two prices of hydrogen. Even
though working at 50 atm is favoured (Gallucci et al., 2004),
results for 50 atm and 100 atm are presented, the same range
as in Kiss et al. (2016). For the feed conditions an upper bound
for the ratio H, to CO, is fixed to 3.5, considering the results
shown above, the fact that Rafiee (2020) recommend a value
of 3, as well as Gallucci et al. (2004), while Kiss et al. (2016)
and Gallucci et al. (2004) showed improvement for ratios above
that, b defined as per eq. (31), which is equivalent to a d given
by eq. (32) equal to 2.5if no CO is fed. The decision variables are
the number of beds and their length. The number of beds turns
out to be 6 at any of the two operating pressures and hydrogen
costs, see Fig. 7, while some previous studies show the use of
either 1 bed or 6 beds with water separation (Leonzio et al,,
2019). For a price of hydrogen of 4 €/kg, a minimum produc-
tion of methanol was imposed since the profit was negative.
The effect of the cost of H, does not affect the configuration
of the reactor. In addition, the optimization leads to reduce
the use of the catalyst by half achieving the same methanol
production capacity. Another interesting result is that at 50
atm, when hydrogen is fed at no cost, the size of the different
beds is not the same, maybe because it is limiting the perfor-
mance. The fractional conversion is the largest at the first bed
and decreases with the number of beds, but it is always signifi-
cant. The AT ateach bed is around 100K at the most, see Fig. 8,
that takes place along the first reactor bed where the largest
fractional conversion is achieved, and it decreases bed after
bed. The relatively low cost of the catalyst does not suggest a
fewer number of beds. The profile of the operation of the reac-
tor is presented in Fig. 9 using up to 8 beds. We see that last
two beds only provide an additional 5% conversion and thus
the selected number of beds is 6. Compared to the previous
case, this reaction is not that exothermic and the conversion

18 1
Isothermal & Isobaric reactor
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Fig. 9 — Methanol production profile across the beds.

by step is smaller, which results in a larger number of beds
suggested.

4. Conclusions

In this work a genetic algorithm has been used for the opti-
mal design of CO, hydrogenation reactors, either to produce
biomethane via biogas-based CO; hydrogenation or the pro-
duction of methanol from captured CO,. Detailed kinetics for
the multibed reactors is used defining the operating condi-
tions such as inlet temperature, temperature profile, pressure,
feed composition and number of beds. The evaluation of the
entire reactor provides further insight compared to previous
studies focused on the kinetics or on the operation of a sin-
gle bed. Considering that the hydrogen costs represent a high
share of the production costs of any hydrogenated based prod-
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uct, a comparison between the optimal reactor configurations
for different hydrogen costs and feed conditions is provided.

In the case of the methanation of the CO; of the biogas,
the optimal reactor configuration suggests 2 beds to avoid sin-
terization due to excessive AT across the catalytic beds. The
optimal b ratio is equal to 2.75 and an operating pressure of
15 atm is suggested. The reaction yield increases substantially
if ATmax across the bed is allowed above 100 K, reducing the
need for hydrogen in the feed to a b ratio of 2. If the hydro-
gen comes for free, the number of beds and the fraction of
hydrogen in the feed increases to 5 and 4.75 respectively.

In the case of methanol production via CO, hydrogenation,
the optimal operating temperature results in 50 atm, in accor-
dance with current trend to reduce power consumption in the
operation of the process. It was found that the improvement in
methanol production by using high pressure conditions (100
atm) instead of low pressure (50 atm), does not compensate for
the higher equipment and operational costs associated with
it. The feed ratio of hydrogen to CO;, turned out to be 3.5 and
a 6-bed reactor is the suggested configuration.
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